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Commercially available desalination processes includes thermal and membrane 
processes. Thermal processes usually involve evaporation or boiling of saline water and 
collection of distillate as in multi-effect desalination (MED) or multi-stage flashing 
(MSF) systems. In membrane processes, fresh water is produced from the saline water 
using reverse osmosis principle at a high pressure; hence, a phase change is not involved. 
Membrane distillation (MD) is a combination of evaporation of water from saline 
solution and diffusion of vapour through a hydrophobic membrane.  The driving force is 
the vapour pressure difference created by temperature difference across the membrane.   
It is neither a high temperature process like (MED) / (MSF) nor does it require high 
pressure, as needed for the RO process. Therefore, it is a very efficient method for the 
utilization of low grade waste heat and renewable energy resources e.g. engine cooling 
water in a marine vessel or solar energy. As the determining factor for vapour generation 
is the partial pressure difference, the process is less sensitive to change in concentration. 
With development of hydrophobic membranes at a cheaper cost, MD process has been 
able to draw significant attention in contemporary water research. With further progress, 
several categories of MD processes have been developed, mainly, direct contact MD 
(DCMD), air gap MD (AGMD) , vacuum MD (VMD) and sweeping gas MD (SGMD). 
These classifications are based on the membrane distance from the coolant and the mode 





A review of the published literature on MD showed the wide range of research work done 
on different categories of MD. Most of the experimental works mainly focused on the 
effect of different operating variables. Improvement of the process either by increased 
production rate or efficient energy use have been attempted mainly by manipulation of 
the membrane’s hydrophobic nature or  using the latent heat of condensation as a heat 
source for the feed. Maximum possible energy extraction by incorporating multi- stages 
in the system has been considered but the results lack sufficient data. The mass transfer 
resistance offered by different elements in the transfer process has been considered by 
some researchers; however, the effect of membrane support porosity has not been given 
significant attention. Also, the effect of coolant plate geometry and material for an 
AGMD process has not been investigated in a greater detail.  
A one dimensional analysis for the overall transport in an AGMD process has been done 
in the present study considering all the mass transfer resistances present in the process. 
The effect of membrane support porosity has been considered in the analysis. The 
condensation on a specially designed channeled coolant plate has been described using 1-
dimensional analysis and its effect on mass transfer enhancement has been predicted. A 
two dimensional analysis of the heat and mass transfer processes inside the feed chamber 
has been considered. Energy and species transport equations were solved numerically 
using finite difference technique. Application of AGMD for freshwater production for on 
board ships has been proposed utilizing the seawater that is used as coolant for marine 
engines. For this type of application, the AGMD system was provided with multistage to 
ensure efficient use of available energy.  
An AGMD system has been developed and its operation under single and multi-stage 
mode has been investigated experimentally. Different operating variables including feed 
 xiii 
temperature, coolant temperature, membrane support porosity, feed salinity, air gap 
width, coolant plate geometry etc. were tested and the results supported the usual trend 
obtained from previous research works. A highest distillate flux of 18 kg/m2hr was 
obtained from the multistage MD unit with a feed temperature of 60oC and air gap of 
2.5mm. Considering membrane specific area, it was possible to obtain maximum 13 
kg/m2 of distillate per kWh of energy input from the multistage rig; which was 5.6 times 
higher than the performance of the single-stage. A specially designed coolant plate was 
used to manipulate the mass transfer by enhancing the heat transfer during condensation. 
For the same equivalent air gap, the production enhanced maximum up to 50% compared 
to a flat coolant plate for a coolant temperature of 25oC. The results from the experiments 
well matched with one dimensional condensation model for channeled plate. Based on 
this model, simulation for different geometries was performed. The support supplied by 
the manufacturer (Millipore Singapore) seemed to be inefficient and replacing the 
support by another one with a higher porosity maximized the production by 40% for an 
air gap width of 2.5 mm with coolant temperature of 25oC.  
The 2-D analysis of the heat and mass transfer process inside feed chamber revealed the 
temperature and concentration polarization pattern inside feed chamber. Based on the 
simulation, effect of some properties of membrane such as porosity, membrane thickness, 
membrane thermal conductivity was predicted. The 2-D analysis was also effective for 
prediction of production for a wider air gap, where the 1-D model based on diffusion did 
not show good match with experimental data. 
A bigger MD module to utilize waste heat from marine engine cooling system was 
proposed based on the practical experience from the lab-scale multi-stage AGMD rig. 
The designed AGMD unit aimed to provide fresh water for small to medium sized on-
 xiv 
board ships. Lower value of coolant temperature and air gap improves the performance 
significantly while the feed temperature was limited to a certain range below 70oC to 
have better performance of the multistage MD unit. For an air gap of 1mm, it was 
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Water for living has been the second most pressing concern in the 21st century after 
population growth. On earth’s surface, only one percent of the available freshwater is easily 
accessible, which is the water found in lakes, rivers, reservoirs, glaciers and underground 
sources. Moreover, the groundwater is getting deeply buried and excessive concentration 
level of dissolved salts does not allow it even to be used for industrial applications. Scientists 
and researchers have explored the possibility of utilizing the biggest water source, the sea, 
employing various methods of desalination. In fact, desalination has been practiced by man in 
the form of distillation for over 2000 years. In the history of human civilization, the ancient 
process was practiced in 4th century B.C. when Greek sailors used an evaporative method to 
desalinate seawater [Kalogirou ,2005].  
In the recent past, the oil discovery in the arid region of Arabian Gulf countries made 
significant contribution in development of thermal desalination plants. By mid-2007, 
desalination processes in Middle East countries accounted approximately 75% of total world 
capacity of desalinated water [Fischetti, 2007]. World’s largest desalination plant, Jebel Ali 
Desalination Plant (Phase 2) is located in the United Arab Emirates with an expected water 
producing capacity of 140 million gallons/day, as announced in the website of Dubai 
Electricity and Water Authority (DEWA). 
 Large-scale thermal desalination requires large amounts of energy and special infrastructure 
that make it fairly expensive compared to the use of natural fresh water. As a result, recently, 
membrane processes are taken into consideration and these processes rapidly grew as a major 
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easier maintenance, smaller area, quicker start up and cost effectiveness, and thus leading to a 
reduction in overall desalination costs over the past decade. Most new facilities operate with 
reverse osmosis (RO) technology which utilizes semi-permeable membranes and high 
pressure to separate salts from water. However, reverse osmosis process is not well-suited for 
hot or warm water as the membrane performance deteriorates with temperature above 40oC.  
With the burning issues of global warming, there has been a need to utilize the low grade 
waste heat before they can be released to the environment and a somewhat recent technique 
developed in the 60’s [patented by Bodell in 1963] called Membrane Distillation (MD) shows 
good potential in utilizing low grade heat and producing fresh water from saline water.  It 
uses the difference in partial pressure to produce vapour from a feed solution that gets 
condensed either by a direct cold distillate stream or a cold surface, and produces freshwater. 
To maintain the interfacial barrier between the two dissimilar temperature fluids, a 
hydrophobic membrane is required so that only the vapour can travel to the cold side.  
1.1. Background 
As discussed earlier, commercially available desalination systems consist of thermal and 
membrane processes. Thermal processes usually involve evaporation or boiling of saline 
water and collection of distillate as in multi effect desalination (MED) or multistage flashing 
(MSF). Membrane processes produce fresh water from the saline water using reverse osmosis 
(RO) principle at a high pressure; hence, a phase change is not involved. Membrane 
distillation (MD) is a combination of the both. This technique separates water vapour from a 
liquid saline aqueous solution by transport through the pores of hydrophobic membranes, 
where the driving force is the vapour pressure difference created by temperature difference 
across the membrane. The difference in vapour pressure is created by heating the feed above 
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the temperature of the condensate. There will be vapour generation as long as there is the 
partial pressure difference.   
The first MD patent was obtained in the early 60’s by Bodell (1963) and the first MD 
publication was made in the same decade by Findley (1968). In the late 60’s, Haute and 
Hendeyckx (1967) and Hendeyckx (1967) focused on MD but the technology did not draw 
further attention of the researchers for two decades due to low production rate and high 
membrane cost.  
By early 1980s the research on membrane distillation became very active with the 
advancement in polymer research that provided cheaper membranes. At the same time, 
utilization of the low grade waste heat started to draw attention because of increased global 
warming. These issues caused the MD process to be revived after two decades and different 
arrangements of the process like air gap MD and different structures of membranes including 
hollow fibre or spiral wound membranes were developed. The technique was used for 
seawater desalination by Carlsson (1983) for the first time where it was stated that power 
consumption of this process can be as low as 1.25 kWh/m3 
1.1.1. MD process description  
The process works under the simple principle of evaporation caused by partial pressure 
difference between two fluids. It requires a hydrophobic membrane that allows only the water 
vapour to pass through it. The hot feed is circulated on one side of the membrane and the 
vapour condenses either on a cold surface or directly to the cold stream on the other side of 
the membrane. The difference between the partial pressure on the both side of membrane 
causes the hot feed to evaporate. The membrane actually maintains the vapour-liquid 
interface. The whole process is a combination of heat and mass transfer across the membrane. 
Figure 1.1 shows details of the MD process. 




Figure 1.1. Membrane distillation process.  
As seen in the figure, the liquid feed to be treated by MD is in direct contact with one side of 
the membrane and does not penetrate inside the dry pores of the membranes. The 
hydrophobic nature of the membrane prevents liquid solutions from entering its pores. As a 
result, liquid/vapour interfaces are formed at the entrances of the membrane pores. 
The feed water enters the distillation chamber and the evaporation takes place at the 
membrane-liquid interface. By a combined heat and mass transfer process, the evaporating 
mass extracts the required latent heat from the solution thus creating a temperature difference 
between the bulk feed (Tf) and the interface (Tm). This is termed as temperature polarization. 
When feed other than pure water is used, a concentration gradient is also observed between 
the bulk feed (Co) and the interface (Cif). For example, for desalination application, a denser 
solution of salt is formed near the interface due to evaporation. This phenomenon has been 
termed as concentration polarization. These two types of polarization are the main limiting 
factors for MD and are the main areas of interest in the contemporary research on MD 
process.  
 
Tf   Tm 
 Tp 






Cif    
Co 
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1.1.2. Classification of MD and process limiting factors 
With more research progress in this area, various categories for MD has been developed; 
classified in 4 major categories depending on the method of distillate collection. These 
categories are direct contact MD (DCMD), air gap MD (AGMD), sweep gas MD (SGMD) 
and vacuum MD (VMD).  
All these different types of MD configurations have their own pros and cons. Stated earlier, 
MD process runs on the principle of partial pressure difference across the membrane, thus the 
temperature difference is the main influencing factor for change in production rate. For 
different configuration of MD, additional parameters that influence production are, air gap 
width (for AGMD), sweep gas velocity (for SGMD) or degree of vacuum (for VMD). Feed 
concentration and feed flow rate also affects production and so do the thickness and porosity 
of membrane. When the membrane is supported by some material, the porosity of the support 
materials is another factor to be included in the mass transfer resistance and, consequently, 
affecting the production. For large feed and coolant chambers, temperature polarization is a 
dominant issue. 
1.1.3.   Advantages of MD 
The biggest advantage of MD is its requirement of low grade energy associated with 
evaporation at ambient pressure. It is neither a high temperature process like (MED) / (MSF) 
nor does it require high pressure, as needed for RO process.  
While conducting experiments, it was possible to obtain distillate at a feed temperature as 
low as 40oC. Therefore, it is a very efficient method to utilize low grade waste/renewable 
energy including engine cooling water in a marine vessel, solar energy or even waste heat 
from condensers in an air conditioning system. 
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 Its wide application range makes it a versatile separation process for various applications e.g.  
separation of non-volatile components like heavy metals [Zolotarev, 1994], volatile organic 
compounds such as benzene [Banat and Simandl,1996]. In areas where high temperature 
applications lead to degradation of process fluids like milk and juice concentration [Varming 
et al., 2004] or  biomedical applications such as water removal from blood [Sakai et al.,1986] 
and treatment of protein solutions [Ortiz de Z´arate et al., 1998] have also been reported. 
As the determining factor for vapour generation is the partial pressure difference, the process 
is less sensitive to change in concentration.  
With the development of cheap hydrophobic materials like polypropylene (PP), MD process 
has been able to draw significant attention in current water research. The structural cost is 
also possible to keep at a lower limit since it is not a high temperature/pressure process, thus, 
plastic piping and chamber can be used which not only will reduce cost but also will provide 
a corrosion free environment. 
A recent cost analysis by Al-Obaidani (2008) has shown that the total water production cost 
by MD is 1.23 US$/m3 of production (without using waste heat) while using waste heat, it 
can become as low as 0.26 US$/m3, according to Meindersma et al. (2006). 
1.1.4. Areas of interest for MD research 
Although MD, as a desalination process, has been of great interest due to its substantial 
advantages, to date the process has not been commercially available for desalination 
purposes. Extensive experimental work is going on to enhance the production rate and 
membrane longevity, which are the two limiting factors.  
As compared to other methods, in desalination, MD has some special areas of interest 
including the effective use of energy and enhancement of heat transfer. Extraction of 
maximum possible thermal energy by implementation of multistage has not drawn much 
attention.  
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It was noted that there has been no detailed study on the effect of membrane support on the 
overall mass resistance of the process. Using different pore size membrane support can 
influence the production because of difference in the value of diffusion coefficient. 
In addition to that, the structure and material of coolant plate and its effect on combined heat 
and mass transfer for an AGMD process has not been explored in greater details. Therefore, it 
is vital to investigate these issues for a better understanding and thus contributing in the 
improvement of the method. 
1.2. Objectives 
The project was motivated by the observations mentioned earlier on membrane distillation. 
Since there is an increased need of water with population growth worldwide and abandoned 
sources of low grade waste heat are readily available; MD seems to be a promising technique 
for producing freshwater by desalination. The scope of improvement includes efficient 
energy use and enhancement of production from the system. 
The objectives of this study can be summarized as follows: 
• Build a small scale single-stage AGMD module and observe the effect of different 
variable parameters on the process. 
• Build a multistage AGMD rig to make best use of low grade waste heat and enhance 
production by making use of the information available from single-stage rig. 
• Develop a specially designed coolant plate to enhance the production by increasing 
heat and mass transfer simultaneously. 
• Analysis of heat and mass transfer a in a 2-dimensional domain and investigate the 
temperature and concentration distribution inside the feed chamber. 
• Investigate the 1-dimensional vapour and heat transport mechanism through 
membrane, membrane support and air gap. 
• Develop a 1-D and 2-D simulation model and validation with experimental results.  
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• Simulation of a multi-stage MD system utilizing waste heat from on-board ships’ 
engine cooling water.  
1.3. Scope of the thesis 
An introduction to membrane distillation including its working principle has been described 
in Chapter 1. The background of the work, research objectives and scope of the thesis are 
included here. For detailed study of the process and to identify the areas of research that need 
attention, previously published papers on MD have been reviewed in Chapter 2. Chapter 3 
includes mathematical models that involve the 1-dimensional heat and mass transfer through 
membrane, support, air gap and coolant plate, while the 2-dimensional model investigates the 
concentration and temperature distribution inside the feed chamber by numerically solving 
the energy and species transport equations. Two AGMD units with single and multi-stage 
have been built and details of the design of the set up, calibration of instruments and 
conducted experiments have been described in Chapter 4. The experimental results, their 
validation, the temperature and concentration distribution inside feed channel, enhancement 
of the production using specially designed coolant plate and simulation results from the 
multistage MD used for desalination of engine cooling water on board ships are included 
under results and discussion in Chapter 5. Chapter 6 being the final chapter presents the 
conclusions drawn from the study, along with future recommendations. 





Desalination has been practiced in form of thermal distillation since an ancient time. Its influence 
on human civilization is undoubtedly of great importance, especially in the arid region of Middle 
East. Desalination processes can be divided in two broad categories namely a) desalination with 
phase change such as MSF and MED and b) desalination without phase change such as RO.  
 
Figure 2.1. Classification of desalination processes 
Figure 2.1 shows different desalination processes. Some of them are most widely used like MSF, 
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2.1. Description of different desalination processes 
The widely used thermal desalination processes are basically distillation processes that convert 
saline water to vapour and then the vapour is condensed to obtain the freshwater. Although 
membrane technologies like RO are invading quickly, the thermal distillation processes produce 
the largest amount of freshwater in the Middle Eastern countries due to cheap cost of fossil fuel 
in that region. At the end of 2002, according to IDA Desalting Inventory (2004), MSF and RO 
accounted for 36.5% and 47.2%, respectively, of the installed brackish and seawater desalination 
capacity. For seawater desalination MSF accounted for 61.6% whereas RO accounted for 26.7% 
with MSF being the leading desalting process with a capacity of about 5000 m3/day.   
Multistage flash desalination involves heating saline water to high temperatures and passing it 
through decreasing pressures to produce the maximum amount of water vapour that eventually 
produces the distilled water. The heat recovery is established using this distilled water as the 
heating source for the incoming feed and regenerative heating is utilized to flash the seawater 
inside each flash chamber. The latent heat of condensation released from the condensing vapour 
at each stage gradually raises the temperature of the incoming seawater. There are three sections 
in an MSF plant; heat input, heat recovery, and heat rejection sections. The brine heater heats up 
the sea water using low pressure steam available from cogeneration power plant, such as, a gas 
turbine with a heat recovery steam generator or from a steam turbine power plant. The seawater 
is fed on the tube side of the heat exchanger that is located on the upper portion of evaporator. 
Thus, the seawater heated by the condensing steam enters the evaporator flash chambers. There 
are multiple evaporators, typically containing 19–28 stages in modern large MSF plants. The top 
brine temperature (TBT) range is usually within 90 to 120oC. Although higher efficiency is 
2.1.1.Multi-stage flash desalination system (MSF) 
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observed by increasing TBT beyond 120oC, scaling and corrosion at high temperature affects the 
process significantly [Harris, 1983]. To accelerate flashing in each stage, the pressure is 
maintained at a lower value than that in the previous stage. Hence, the entrance of heated 
seawater into the flash chamber causes vigorous boiling caused by flashing at low pressure. 



















Figure 2.2. The MSF desalination process [Malek et al.,1992] 
 
 
The flashed water vapour is then cooled and condensed by cold seawater flowing in tubes of the 
condenser to produce distillate. The distillate produced and collected in each stage is cascaded 
from stage to stage in parallel with the brine, and pumped into a storage tank. 
2.1.2.Multi-effect desalination system (MED)
The multiple-effect distillation (MED) process is the oldest but a very efficient desalination 
method. Instead of the term “stage”, the multiple evaporators inside an MED plant are called 
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additional heat after the first effect. The evaporators are arranged either (a) horizontally 
[horizontal tube evaporator (HTE) with evaporated seawater sprayed outside the tube while the 
heating steam is condensed inside the tubes] or (b)vertically [ long vertical tube evaporators 
(VTE) with boiling seawater falling film inside the tube while the heating steam is condensed 
outside the tubes] [Darwish and El-Hadik, 1986] 
 For the first effect, the seawater gets preheated inside the evaporator tubes and reaches boiling 
point. The tubes are heated externally by steam from a normally dual purpose power plant. Only 
a portion of the seawater applied to the tubes in the first effect is evaporated. The remaining feed 
water is fed to the second effect, where it is again applied to a tube bundle. These tubes are in 
turn heated by the vapour created in the first effect. This vapour is condensed to produce fresh 
water, while giving up heat to evaporate a portion of the remaining seawater feed in the next 
effect at a lower pressure and temperature.  
 
 
Figure 2.3. The MED process [Bruggen and Vandecasteele,2002] 
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Figure 2.3 shows the schematic of an MED process. The MED specific power consumption is 
below 1.8 kWh/m3 of distillate, significantly lower than that of MSF, which is typically 4 
kWh/m3. [Awerbuch ,2002]. 
To improve the efficiency of the MED process, a vapour compressor is added before the first 
stage to boost up energy carried by the vapour. This process is termed as vapour compression 
(VC). Normally, it is recommended to use multiple stages in this process, as VC system with 
multiple effects gives increased performance ratio, decreased power consumption and maximum 
utilization of heating source [Bahar et al.,2004] 
This membrane process does not involve phase change and the permeate (which is the product 
water) passes through a hydrophilic membrane under certain applied pressure, which is higher 
than the osmotic pressure of seawater. Thus, water flows in the reverse direction to the natural 
flow across the membrane, leaving the dissolved salts behind with an increase in salt 
concentration. The major energy required for desalting is for pressurizing the seawater feed 
which is recovered by pressure exchanger (PE). In the pressure exchanger the energy contained 
in the residual brine is transferred hydraulically. This reduces the energy demand for the 
desalination process significantly and thus the operating costs. The pressure needed for 
separation ranges within 50 bars (seawater) to 20 bars (brackish water). [Bruggen, 2003]. The 
osmotic pressure is dependant on the feed concentration. A typical large seawater RO plant 
consists of four major components namely a) feed water pre-treatment, b) high pressure pumps, 
c) membrane separation, and d) permeate post-treatment. Figure 2.4 shows the RO desalination 
system. The RO plant energy consumption is approximately 6–8 kW h/m3 without energy 
2.1.3. Reverse Osmosis Desalination 
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recovery and with an energy recovery from the high pressure side, the energy consumption 
reduces to to 4–5 kW h/m3 [Moch, 2002].  
 
Figure 2.4. The RO desalination process [Ghobeity and Mitsos,2010] 
RO has its limitations too. The major problem faced by RO plants is in the pre-treatment area 
and the membrane sensitivity to fouling. Also, the feed temperature must not exceed 40oC to 
avoid thermal damage of the membrane. 
Beside these commercially available energy intensive desalination processes, some other 
methods have drawn attention recently based on their low energy requirement. Along with MD, 
adsorption desalination (AD), membrane pervaporation etc are examples of these recent 
techniques.  
2.1.4. Other low energy desalination methods 
 
A silica gel adsorbent (desiccant) is used as a medium between an evaporator and a condenser to 
reject and facilitate latent heat of evaporation.  The silica gel is arranged around tubes in packed 
Adsorption desalination (AD) 
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form and contained within beds to be cooled during adsorption or heated during desorption by 
water.  The process temperature is within a maximum of 85°C for the beds and 20°C for the beds 
and the condenser.  The evaporator requires a heat source to maintain feedwater temperature.  
The salient features of the AD cycles are (i) the utilization of low temperature waste heat, (ii) no 
major moving parts, and (iii) utilization of environmental friendly adsorbent/adsorbate pairs 
(silica gel/water). [Thu et al., 2009]. The AD cycle is found to give the lowest energy 
consumption at about 1.5 kWh/m3, equivalent to US$0.227 per m3,while the highest production 
cost is from the MSF at US$0.647 [Ng et al.,2008]. 
  
Pervaporation involves the separation of two or more components across a membrane by 
differing rates of diffusion through a thin polymer and an evaporative phase change comparable 
to a simple flash step.  A concentrate and vapor pressure gradient is used to allow one component 
to preferentially permeate across the membrane.  A vacuum applied to the permeate side is 
coupled with the immediate condensation of the permeated vapors.   
Membrane pervaporation 
2.1.5. Energy and cost of different desalination processes 
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Table 2.1 Energy, cost and capacity  of different desalination processes 




































2.2. The membrane distillation process (MD) 
Membrane distillation (MD) is a thermally driven process where the driving force is the trans-
membrane vapour pressure difference created by maintaining temperature difference across a 
hydrophobic membrane.  
For MD, the membrane needs to meet certain criterion to be used in the process and here is a 
brief description of those that will provide an insight of recent developments in the area of 
membrane research. 
2.2.1. Requirements for the membrane 
As described earlier, the MD process needs a special type of membrane which is hydrophobic. 
The term “hydrophobic” comes from the Greek word “hydro” (=water) and “phobe”(=fear). In 
general it means any material that repels water. Water has a high contact angle on hydrophobic 
material. Young (1805) defined the contact angle θ by analyzing the forces acting on a fluid 
droplet resting on a solid surface surrounded by a gas as  
a. Hydrophobic nature of membrane  
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 θγ+γ=γ cosLGSLSG             (2.1) 
where  
γSG= Interfacial tension between the solid and gas 
γSL = Interfacial tension between the solid and liquid 
γLG = Interfacial tension between the liquid and gas 
For hydrophobic materials the value of θ must be greater than 90o. Low surface energy materials 
tend to show higher values of contact angle and thus promote the hydrophobic nature. For highly 
hydrophobic materials, this value can go up to 150o. 
Since membranes used for MD need to be highly porous, another important factor to ensure the 
hydrophobic nature of the membrane is the liquid entry pressure (LEP). If the system operates 
above the LEP, the membrane can no longer run under the non-wetted condition as the water 
molecules are forced through the membrane pores. The LEP can be defined by Laplace’s 
equation as 








LEP                         (2.2) 
here rp=maximum pore size. 
It is evident from (2.2) that a smaller pore size of the membrane would increase the LEP and 
hence the pore size of the membrane should not be very large. The pore size used for MD is 
usually in the range of 0.2 to 0.8 µm.  
c. Pore size and distribution of membrane 
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For the pore distribution, it is desired that the tortuous properties of the membrane pores remain 
as low as possible, as it influences the mass transfer inversely. The porous membranes do not 
contain straight cylindrical pores; rather the diffusing molecules have to move along tortuous 
paths, and thus mass transfer resistance increases by a lowered value of effective diffusion 
coefficient. In order to predict the trans-membrane flux, a value of 2 is frequently assumed for 
tortuosity factor [Khayet et al, 2001] for membranes used in MD process. It has been possible to 
obtain very low pore tortuosity when membranes are prepared with ionic bombardment [Khayet 
et al., 2005]. 
The surface energy of a material determines the degree of hydrophobic nature. Surfaces with 
high surface energy bond more readily with water droplets on it, so for MD, material with low 
surface energy is required. The materials generally used for MD include polymers with low 
surface energy such as polyvinylidenefluoride (PVDF), polytetrafluoroethylene (PTFE), 
Polypropylene (PP), Polyethylene (PE) and Teflon. Their surface energy level is in the range of 
20 to 35(x10-3N/m) [Mulder ,1996]. 
d. Surface energy 
As discussed earlier, MD has been classified in 4 major categories depending on the membrane 
and module orientation. Till 70’s, DCMD was the major MD process while various types of MD 
configurations started to emerge mainly in the early 80’s. Below is the description of all 4 types:  
2.2.2. Major categories of  MD   
 In direct contact MD (Fig 2.5-a) the cold side of membrane is in direct contact with cold 
distillate while the feed is in contact with the membrane on the hot side as usual. The 
a. Direct contact MD (DCMD) 
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temperature of the feed solution is higher than that of the permeate solution to create a driving 
force for vapour transport across the membrane. Consequently, volatile molecules evaporate at 
the hot liquid/vapour interface, cross the membrane in vapour phase and condense in the cold 
liquid/vapour interface inside the membrane module. Although this type provides much higher 
distillate flux than other methods of MD, the system has its own drawback as it works as a heat 
exchanger as well and the coolant side needs to be supplied with distilled water always. In 
addition to that, any leakage in the membrane possesses the risk of contamination of the total 
product. 
In Air gap MD (Fig 2.5-b), only the feed solution is in direct contact with the membrane. The 
permeate is condensed on a cold surface instead of directly mixing with the cold permeate flow. 
There is a stationary air gap situated between the membrane and the cold surface to reduce 
energy loss by heat conduction through the membrane. The main drawback of the air gap is that 
it offers additional resistance to mass transfer. However, with maintaining a very narrow air gap, 
this deficiency can be overcome to a certain extent. Since, in air gap MD, the permeate is not in 
direct contact with the membrane, there is no danger of membrane wetting at the permeate side. 
b. Air gap MD (AGMD) 
 




Figure 2.5. Various methods of MD.  
In sweep gas MD (Fig 2.5-c), which is also called membrane air stripping, the vapour at the 
permeate side of the membrane is removed by a cold inert sweep gas, and, subsequently 
externally condensed. An advantage of using a sweep gas is that the resistance to mass transfer 
of the air gap is reduced substantially. However, dilution of vapour in the sweep gas leads to 
higher demands on the condenser capacity. 
c. Sweep gas MD (SGMD) 
Instead of using sweep gas, the vapour can also be removed by evacuation and external 
condensation at a latter stage. Figure 2.5-d shows the arrangement. The vacuum is applied on the 
permeate side of the membrane module. The applied vacuum pressure is lower than the 
saturation pressure of volatile molecules to be separated from the feed solution.  
d. Vacuum MD 
Figure 2.6. [El-Bourawi et al., 2006] shows a comparison between the numbers of gathered 
papers published in journals for each MD configuration together with the corresponding number 
of papers involving theoretical models. 




Figure 2.6. Published papers on different MD configuration [El-Bourawi et al.(2006)] 
It is seen from the figure that most of the published work focuses mainly on DCMD followed by 
AGMD, then VMD and lastly SGMD.   
Although DCMD has been able to draw significant attention due to its high production rate, 
AGMD is also another promising method due to its capability to reduce the conductive heat loss 
and the temperature polarization considerably, which is higher in DCMD configuration. 
However, AGMD configuration presents a new resistance to heat and mass transfer by the air 
gap between the membrane and the condensation surface, which results in lower permeate 
fluxes. 
2.2.3. Advantages of AGMD 
Compared to a DCMD process, an AGMD process provides the freedom of using any coolant as 
the coolant does not come in contact with the condensate. Dealing with membrane leakage 
therefore has some flexibility, as in case of membrane damage, the process can be shut down for 
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a while. Whereas in case of a DCMD process, for such a situation, all the distillate would be 
contaminated at once.  
2.3. Development in MD processes  
Although the usage of MD was intended for desalination, to have a deeper understanding, it was 
necessary to investigate the transport process and parameters that influence the production. 
Therefore, the review was not limited only to desalination; rather it encompassed studies 
including a wide range of feed.  Mainly, transport process and parametric studies of AGMD with 
the flat sheet membrane has been investigated. For membrane modification and overall 
improvement of the process, other methods of MD have also been considered when necessary.  
2.3.1. Transport process in air gap membrane distillation (AGMD) 
The transport in AGMD occurs in three main stages; the first one is when the feed evaporates at 
membrane-liquid interface, then this evaporated mass travels through membrane and the 
membrane support. Finally it passes through the air gap and gets condensed on the coolant plate. 
Figure 2.3 shows the transport process in an AGMD process. It must be mentioned that the air 
gap y is kept as small as possible to reduce the mass transfer resistance offered by diffusion path 
length. 




Figure 2.7.Transport mechanism in AGMD process 
Therefore, for AGMD usually the mass and heat transport inside air gap occurs by diffusion and 
conduction, respectively. 
From the early years, Jonsson et al. (1985) showed that a thin air gap between the membrane and 
coolant surface may reduce the heat loss significantly while the evaporation rate decreased 
slightly.  
Kimura et al. (1987) developed 1-D transport model for air gap membrane distillation. The 
theory was also used for a simple process design, and the fundamental characteristics of the 
process were obtained. Although the model did not include the membrane/air gap transport 
separately, rather used a combined the total diffusion length with thermal conductivity of air, it 
matched well with the experimental data obtained from a PTFE membrane.  
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Banat and Simandl (1994) provided a deeper analysis of the transport phenomena in AGMD 
process. The concept of non equilibrium thermodynamics was applied to predict the heat and 
mass transfer coupling but it was inadequate in predicting the transport mechanism through 
membrane and air gap.  
It was explained later by Banat (1994) the types of 1-D diffusion mechanism through membrane 
and air gap. The heat and mass transfer equations were developed based on the first principle and 
good agreement was observed between the predicted and experimental values with incorporating 
temperature and concentration polarization phenomena. 
Chernyshov et al. (2003) developed and solved a 2-D mathematical model describing the flow in 
the feed channel of a flat sheet AGMD module using finite difference scheme. The model was 
capable to predict velocity, temperature and concentration distribution including the 
concentration of sparingly soluble salts like BaSO4. The degree of super saturation of salts is 
needed to estimate the scaling. Using the calculated temperature and concentration distribution, 
super saturation fields have been calculated.  
Alklaibi (2004) presented a transport analysis of air gap membrane distillation based on a 2-
dimensional conjugate model in which, the temperature and concentration of the hot and cold 
solutions both normal to the membrane and along it are solved with a simultaneous numerical 
solution of the momentum, energy and diffusion equations, so that the sensitivity of the permeate 
flux to the major system parameters could be better evaluated.  
Based on the previous work, Alklaibi and Lior (2006) developed expressions for the mass 
transfer resistances of all the physical domains composing the air-gap membrane distillation  
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(AGMD) and their absolute and relative effects were evaluated to improve the process 
understanding and identify promising ways for its improvement.  
Chouikh et al. (2005) solved Navier-Stokes mass and energy equations for laminar natural 
convection for the air gap with small Rayleigh numbers using an elliptic procedure and a control 
volume scheme. This numerical approach allowed analysing the complex natural convection 
flow situations arising in the air gap. 
2.3.2. Different process parameters in AGMD 
For any MD process, all the published papers include the effect of different parameters such as 
feed and coolant inlet temperature, feed and coolant flow rate, air gap width, feed concentration 
etc. The less investigated parameters are membrane thickness, membrane porosity, pore size and 
tortuosity. In this section, the previous work done with variable operating parameters is 




























Alklaibi and Lior 
(2005) 
40 - 80 20 2 - - - - - 1.2 - 12 
70 5 - 45  2 - - - - - 10 - 5 
70 20 2 0.02-0.05 
(mass fraction) 
- - - - 8.5 - 7.2 
70 20 1 - 5 - - - - - 1.5 - 11.5 
70 20 2 - - - - 0.05-0.3 
kmem 
(w/mK) 
11.5 - 6 
70 20 2 - 0.1-0.3 
(feed) 
- - - 8.2-9.1 
0.1-0.3 
(coolant) 
- - - 8.2-8.4 
Izquierdo-Gil et 
al.(1999) 
25-55 20 2 pure water - 1.1 PVDF 
22µm 
- 0.4-8.4 





30-90 Th-10 1 - - - PTFE  0.22(kmem) 1-32 
60 20 1-5 - - - PTFE 0.22 10-4 
69 20 1 - - - PTFE 0.2-1 thick 11-7 
 
Table 2.2. AGMD performance with variable operating parameters 
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Kimura et al.(1987) 60 20 - 3.8% NaCl - - PTFE,0.2µm 0.5-0.9 
(porosity) 
12-16 
70 2 - pure water -   0.2-1.2 µm 
(pore size) 
10-11 
60 20 1-10 - - - PTFE,0.2µm - 14-1 
Gujit et al.(1999) 80 50-
70 
4 seawater - - - kmem(w/mk)= 0.15 
porosity=0.5 
2.5-5.5 
80 65 1-6 seawater - - - kmem(w/mk)= 0.15 
porosity=0.5 
6.5-2.5 
Liu et al.(1998) 75 20 4 0.3%NaCl - 3.8 PTFE,1µm porosity=0.85 28 
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Banat and Simandl 
(1994) 
30-80 7 8 - - - PVDF 
45µm 
- 2.5-25 
55 7 8 0-10% NaCl - - PVDF 
45µm 
- 6-5.5 
55 7 8 - - 0.5-0.9 PVDF 
45µm 
- 7.7-8 
Chouikh et al. (2005)   2-10 - - - PFEE - 7.5-3.5 
  2 30000ppm - 0.2-2 PFEE - 1.25-2.5 





2 - - - PFEE - 1-3 
28 
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It is seen from Table 2.2 that although the operating conditions were in similar ranges for 
various research work, there was a wide variation in the value of obtained flux. This trend 
has also been reported by Alklaibi  and Lior (2004). They suggested more experimental 
work in this field so that the viability of the process can be assessed and compared with 
other desalination processes such as RO or MSF. 
 2.3.3. Proposed improvements in MD 
Over the years, many initiatives have been taken by researchers for improvement of the 
MD process. Some tried for improvement of the membrane itself while some focused on 
the flow orientation and a better mixing of feed to minimize temperature/concentration 
polarization. To improve the overall efficiency, the available latent heat from the 
condensing vapour was used by some researcher to pre-heat the feed. 
Khayet et al. (2006) proposed a new composite membrane for DCMD process. The 
membrane was a combination of a thick hydrophilic sub layer covered by a thin 
hydrophobic outer layer. The outer hydrophobic layer worked for the vapour transport 
while the inner layer filled with water worked as an insulation to prevent heat loss. 
2.3.3.1. Improvement of membrane 
Khayet and Matsuura (2003) reported the improvement of hydrophobic behaviour  by 
modifying the top surface of polyetherimide (PEI) flat sheet membranes using fluorinated 
surface modifying macromolecules (SMM). The modified and unmodified membranes 
were prepared by the phase inversion method. It was found that SMM actively changed 
the surface properties of the PEI membranes. Contact angle measurements indicate that 
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the PEI membrane surface becomes more hydrophobic after adding the SMM to the PEI 
casting solutions.  
Peng et al. (2005) proposed a composite membrane for a DCMD process. The design of 
the membrane was such that a hydrophilic layer was attached to the feed side and it 
absorbed water. The water started evaporating in the hydrophilic region and the generated 
vapour passed through the substrate hydrophobic layer to the condensation side. The flux 
of the composite membrane  retained 91% flux of substrate at 70°C, being 23.7 kg/h·m2 
when the brine temperature rose to 70°C. This composite design not only improved the 
membrane durability but also decreased the concentration polarization and flux 
declination.  
Bonyadi and Chung (2007) used a combination of hydrophobic and hydrophilic clay 
particles in order to enhance mechanical properties and modify the surface tension 
properties of the membrane inner and outer layers. Different membrane characterizations 
such as pore size distribution, gas permeation test, porosity and contact angle 
measurements were carried out as well. The fabricated hollow fibers for the DCMD 
process produced flux as high as 55 kg/(m2 h) at 90 °C. This performance indicated that 
the application of dual layer hydrophilic–hydrophobic hollow fibres may be a promising 
approach for MD. 
Ohta et al. (1991) tested a partially hydrophilic fluoro-carbon composite membrane for 
MD process. The membrane was dense and the effect on the performance of the process 
was looked into. The effect of changing feed temperature and flow rate was observed. 
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The permeability was found approximately double compared to that of hydrophobic 
membrane. However, the product quality was not reported in the paper. 
Feng et al. (2008) used PVDF (Polyvinylidene fluoride) electro-spun nanofiber 
membrane in an AGMD process to produce drinking water from a saline water with NaCl 
concentration of 60000 ppm . This was the first attempt to use electro-spun nanofiber 
membrane in MD. Feasibility of this new approach was analyzed and it was predicted 
that it may eventually enable the MD process to compete with conventional seawater 
desalination processes such as distillation and reverse osmosis. The membrane flux was 
comparable to those obtained by commercial microfiltration membranes. In addition, the 
membrane was intact and unplugged after many days of operation. 
Xu et al. (2006) carried out experiments with different types of membranes including a 
denser silicone rubber hollow fiber membrane and a porous PP hollow fiber membrane. 
The purpose was to observe the performance using a denser membrane to prevent the 
leakage of feed water through the membrane. This leakage is caused by the degraded 
hydrophobic nature of the membrane. Two methods of MD including VMD and SGMD 
were tested with the membranes. For VMD, both the permeability and water flux was 
very small for the silicone rubber membrane compared to that of the PP membrane. For 
SGMD, the results were comparable. 
Drioli and Wu (1985) presented experimental results using different geometry and 
different material membranes for MD process. The performance pattern was similar for 
all the membranes. An interesting reversible phenomena was observed where after decay 
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of the initial trans-membrane flux, it was restored again by inverting the hot membrane 
side with the cold side. 
Chouikh et al. (2005) presented numerical and experimental analysis of a modified 
AGMD. Instead of a stagnant film of air separating the membrane and condensing 
surface, the air was moved by temperature differences between the top and bottom of the 
cavity. The modified method enhanced the permeate flux under different operating 
parameters such as feed flow rate, temperature difference and air gap width. 
2.3.3.2. Improvement of flow system and module 
Chernyshov et al. (2003) made attempts to minimize temperature polarization with 
spacers; associated with some undesirable pressure drop in the flow. A concept of 
optimal spacer geometry was introduced that described spacers made of round rods with 
an angle of 90o between the rods could produce best results to achieve flux 2.5 times 
higher than that obtained with an empty channel. 
Hsu et al. (2002) showed that reducing polarization could substantially slow down the 
scale build-up if NaCl solution is used as the feeding fluid, but the effect was not so 
obvious if real seawater is used as the feed. A routine cleaning program was necessary to 
restore flux decay and extend the membrane’s life cycle. A simple mechanical method of 
ultrasonic cleaning technique was worth being studied further in order to effectively and 
economically resolve the fouling problem. 
Zhu et al. (1999) studied an ultrasonic irradiation technique for air gap membrane 
distillation (AGMD) system to enhance the permeability for the membrane distillation of 
various aqueous solutions. An ultrasonic stimulation with resonance frequency of 20 kHz 
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and irradiation power up to 90 W was applied to a flat-plate AGMD system of 1 μm 
PTFE membrane with a membrane distillation temperature difference up to 55°C. It was 
found that the permeate flow rate with the ultrasonic stimulation increases up to 25% than 
that without ultrasonic irradiation. The significant reduction of temperature polarization 
is validated by both experimental temperature measurements and ultrasonic intensity 
measurements. 
Martínez-Díez  et al.(1998) conducted permeation experiments with a PTFE membrane 
using a flat membrane module with channels for hot and cold water created by both 
separators. Two basic separator configurations were studied including open flow 
separators and screen separators. The heat transfer coefficients in the liquid films 
adjacent to the membrane suggested the appearance of turbulences when screen 
separators are used and, therefore, production increased with minimized polarization.  
Godino et al (1996) explored the possibility of obtaining pure water by membrane 
distillation of rejected brine. Influence of stirring rate, mean temperature and salt 
concentration on the fluxes was explored as well. The membrane material used was 
PTFE, supported by a PP net. Increased stirring rate and mean temperature of the feed 
enhanced and increased concentration reduced the flux production. Stirring rate was the 
key parameter to create disturbance in temperature polarization and, hence, improvement 
in production was observed 
Martínez  and Rodríguez-Maroto (2008) provided information on  the simulation and 
analysis of membrane thickness reduction effects on direct contact membrane distillation 
(DCMD) performance. A resistances-in-series model was used which allowed the 
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coupling of simultaneous heat and mass transfer in DCMD systems for the supported and 
unsupported porous membranes. The effect of membrane thickness was analysed 
considering both NaCl and sucrose aqueous solutions as feeds. It was found that for both 
feeds, there was a critical membrane thickness such that below this critical value the 
negative effects of thickness reduction (associated with the reduction of the membrane 
conduction heat transfer resistance) are higher than the positive ones (associated with the 
reduction of the membrane mass transfer resistance). However, for the membrane with 
screen support, mainly the heat transfer resistance was looked into, but the mass transfer 
resistance was not investigated. 
Since the early age of MD, it has been suggested that the process can be viable and 
competitive to other desalination/water purification method if the energy efficiency is 
improved.  
2.3.3.3. Improved energy efficiency with multistage/extraction of condensation latent 
heat 
The first attempt was patented by Weyl (1967). A multi-stage MD system capable of 
reusing the latent heat of vaporization many times has been proposed. The permeate 
coming from the first stage was used to heat the feed of a second stage and the permeate 
from the second stage was applied to heat the feed of the third and consecutively for the 
latter stages. A PTFE membrane of thickness 3175µm was used with a porosity of 0.42. 
A multistage MD unit was proposed and built by Andersson et al. (1985). The 
desalination unit was composed of air gap membrane distillation cassettes stacked 
together. The effective membrane area in one cassette was 0.3 m2 with the patented 
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design of the cassettes and modular stacking method that allowed for the construction of 
simple desalination systems exactly to capacity. The system design recuperated the 
condensing heat to some limited extent. However, no experimental data or the production 
range from total/individual module was reported. 
Kubota et al. (1988) performed MD experiments with plate-and- frame type modules in a 
single-stage parallel stack MD unit and their results indicated efficiency of less than 50%. 
To develop a practical membrane distillation process, a multi-stage membrane distillation 
process and a suitable membrane module with high efficiency was suggested to make the 
thermal efficiency of the whole system as high as possible. 
Wirth and Cabassud (2002) discussed two types of configurations for a multi-stage VMD 
module. The configurations were inside/out (Feed flow was inside the hollow fiber 
membrane, permeate flow was outside the membrane) and outside /in (Opposite of the 
previous one). Two membranes were tested and significant results show that the 
membrane with higher permeability was unaffected by the change in configuration and 
the less permeable membrane was slightly sensitive to the outside /in configuration for 
which the heat and mass transfer was dependent on the Reynolds number. With 
increasing  Reynolds number, the flux became independent of the feed concentration and 
the reached to the value close to that of the inside/out configuration. 
Meidersma et al. (2006) introduced a new technique “memstill” applied for AGMD to 
lower the production cost. It employed feed heating from the condensing vapour. The 
membrane used was found sensitive to bio-fouling; however, no evidence of micro-
organism break through was present. A cost analysis showed that using waste heat, 
Memstill was able to provide water at a price of 0.26$/m3.   
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Gujit et al. (1999) described a model for preliminary design calculation for an AGMD 
module where the inlet feed is heated by the condensing distillate. Vapour transport was 
described with molecular diffusion through stagnant air. Calculations with variable 
temperature, membrane filter diameter and diffusion distance were performed. It was 
shown that the highest productivity will be obtained with high temperatures, small 
membrane fibres and a small air gap. 
2.3.4. Use of renewable energy/waste heat for MD 
Banat et al. (2002) investigated the technical feasibility of producing potable water from 
simulated seawater by integrating a membrane distillation module with a solar still. Two 
types of experiment were conducted, indoor and outdoor experiments. The sensitivity of 
the permeate flux to the brine temperature, flow rate, salt concentration and solar 
irradiation were all investigated. Overall, the flux of water from the solar still was no 
more than 20% of the total flux. The brine temperature significantly affected the flux of 
both the solar still and the membrane module, while the effect of salt concentration was 
marginal. The effect of these process parameters was more noticeable in the membrane 
module than in the solar still. 
Chen and Ho (2010) designed a direct contact membrane distillation (DCMD) equipped 
with a solar absorber for desalination and integrated into a small unit, that possesses a 
combined solar absorber for an energy source and membrane distillation process for 
desalination. The proposed device was supposed to best perform at middle temperature 
(about 35–50 °C) using hot saline water at the inlet associated with a constant cold stream 
inlet. The solar absorber is inserted between the glass cover and membrane to heat the 
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flowing fluid which passes underneath the absorber plate. The maximum trans-membrane 
flux increment in this study obtained was 16.56% and the distillation ability potential was 
4.1 kg/(m2 h) with high purity. 
Xu et al. (2006) carried out experimental investigations on a VMD pilot plant with the 
engine cooling water from a ship. The vacuum was established using the jet current from 
an injector. The hollow fibre PP membrane gave a desalting degree of 99.99% and the 
hot water was supplied from the engine cooling water. However, no specification of the 
ship heat exchanger was provided and the feed water temperature was taken as 60oC.The 
energy consumed by the system was also not shown. 
2.3.5. Economic analysis of MD 
Al-Obaidini et al. (2008) presented exergy analysis, sensitivity study and economical 
evaluation to assess the feasibility of DCMD process. For DCMD with heat recovery, the 
estimated water cost was $1.17 /m3, which was comparable to the cost of water produced 
by conventional thermal processes: i.e. around $1.00/ m3 for multiple effect distillation  
(MED) and $1.40/ m3 for multi-stage flash (MSF). However, significant savings were 
expected for using a low-grade thermal energy source. The cost analyses indicate a 
moderate transmembrane temperature gradient (feed temperature around 60 ◦C) as 
optimal operative condition. This was an intermediate situation between RO (working at 
around 30 ◦C) and high temperature seawater distillation processes (operated at around 
110 ◦C). 
Banat and Jwaied (2008) proposed a solar-powered desalination for the production of 
fresh water in remote arid areas. An economic assessment was performed to estimate the 
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expected water cost, which was the ultimate measure of the feasibility of the stand-alone 
system. Based on the calculations, the estimated cost of potable water produced by the 
compact unit was $15/m3, and by the large unit was $18/m3. Membrane lifetime and plant 
lifetime were key factors in determining the water production cost. The cost decreases 
with increasing the membrane and/or the plant lifetime. 
Fane et al. (1987) provided the sources of potential inefiiciencies in the MD process and 
provided a rationale for future development. A preliminary economic analysis showed 
that under some conditions MD is competitive with RO for production of distilled or 
potable water for industrial or arid-zone use. Production costs were found to be very 
sensitive to feed temperatures. For a modest scale plant (5000 kg/hr) the production costs 
could be similar to those of RO. A small scale (500 kg/d) plant with MD coupled to a 
solar heater would have production costs marginally higher than RO, but could offer 
practical advantages in arid or rural locations. 
Further studies by Hogan et al. (1991) on the previous work of Fane et al. (1987)  showed 
that for a pilot plant of 50 kg/h capacity, if solar heat is used, the heat exchangers became 
the most expensive items to influence the capital cost. Hence, optimized design included 
more heat recovery (in the range 60–80%) and less solar collector area. However, no 
production costs were provided in this study. 
Hanbury and Hodgkiess (1985) reported on an experimental assessment of the MD 
process carried out and reviewed the merits and limitations of MD. A PTFE membrane 
was used and a brine solution of 20000 ppm concentration was fed at a temperature range 
of 20 to 80oC. In the cost analysis of the plant, it was shown that the membrane cost 
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represented 50% of the plant cost. The minimum water cost from the MD plant was 24 
times higher than the available market price. The water quality was ultra pure. It was 
suggested that unless there is a drastic reduction in membrane price, MD would not be a 
potential competitor of the existing desalting processes. However, this paper was 
published back in 1985, when membrane cost was not that cheap as today.  
2.3.6. MD integrated with other processes 
Suggestions have been made over the years to integrate MD with other desalination 
processes as MD has shown the possibility to run smoothly with a higher concentration 
feed compared to other desalination processes.  
Macedonio et al. (2007) suggested some integrated membrane desalination methods by 
combining NF, RO, MD and Membrane crystallization (MCr). Inclusion of MCr was 
vital as for solving the brine disposal system. Analysis showed that NF-RO combined 
with the MCr for reject brine treatment consumed the lowest energy among different 
combinations. It was shown that selling value of high quality salt product covered the 
entire cost of desalination. 
El-Zanati and El-Khatib (2007) carried out a comparative study on a proposed hybrid 
desalination plant combining NF-RO-MD. The NF worked in the pre-treatment section 
and MD worked on the reject from NF and RO units. Application of MD improved the 
cost effectiveness as the pretreated water was utilized properly. Recovery was improved 
from 30% to 76% compared to that of a two-stage RO process. Cost calculation showed 
that product water cost can be lowered to 0.92$/m3 for this hybrid system when 
compared to the production cost of 1.29 $/m3 of a two stage RO plant. 
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Criscouli and Drioli  (1999) presented the energetic evaluation of integrated membrane 
processes. It was found from analysis that incorporating MD working on the reject from 
RO brine gave the highest production with lowest amount of rejected brine. When NF 
was added to the system as a pretreatment method, using the NF reject to pre-pressurize 
the RO feed helped in reducing the energy consumption. For any available waste heat 
source, RO-MD combination has been suggested as the most attractive alternative. 
Drioli et al. (1999) described the possibility of increasing the recovery factor using an 
MD unit working on the reject brine from RO process. This is the initial work prior to 
(1991). The recovery factor was raised from 40% to 87% with more production and less 
environmental impact.  
De Andres et al. (1998) studied a combined desalination system where the MD feed was 
supplied from RO reject. Experiments were carried out with increasing the feed 
temperature and flow rate. The combined process resulted in 7.5% increase in the water 
production. 
2.3.7. MD long term performance and product quality 
In this chapter, different aspects of MD process have been reviewed. Along with the 
performance, energy consumption and economy, it is also important to look into the 
product water quality. Although MD has been reported to produce very high quality 
product water, depending on the nature of feed and presence of certain effluent, the 
quality of product may vary. 
Gryta (2000) discussed the results from experiments conducted on wastewater produced 
from heparin production with PP capillary membranes. Heparin is an anti-coagulant and 
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NaCl was present during its production. After separation of heparin, the waste water was 
treated with MD. Fouling and scaling were observed for non treated feed. After 
sedimentation and filtration, MD performance was much better. The PP membrane with a 
maximum pore diameter of 0.6 µm allowed streptococcus faecalis bacteria in the 
distillate. 
Gryta and Karakuloski (1999) applied MD to an oil-water emulsion. As a result of its 
hydrophobic nature, the membrane was wetted with the oil. It was found that the 
performance of the system dropped drastically with increase in oil concentration level to 
1000 ppm. Leakage of oil particles in the distillate was observed. This work provides 
useful  information for the treatment of wastewater from engine. The module was re-used 
for a plain NaCl solution and its performance was uninterrupted. It was concluded that 
the oil imulsion did not influence the membrane’s performance in a substantial manner. 
Banat and Simandl (1994) presented long run experimental results on two types of 
membranes made of PVDF and PTFE. The effect of temperature and flow rate on the 
feed and coolant side and feed concentration was also investigated. It was found that 
permeate flux increased drastically when the feed temperature was raised above 55oC. 
Changing the cold side flow rate did not have much effect. The MD plant was sensitive to 
unplanned shutdown as salt crystals started to grow on the inner membrane surface and 
later after start up ,the permeate was contaminated with the salt. Process performance was 
seriously affected by membrane wetting. No fouling phenomena were detected during the 
long run experiment. 
 




The aim of the literature review was to provide an in-depth understanding of the MD 
process, its present status and potential. The areas that did not draw much attention yet by 
the researchers were also identified. To contribute something new to the knowledge in the 
area of desalination using MD, it was necessary to locate and dig into these issues. Here 
is a brief summary from this review work on AGMD process. 
• Feed temperature was the dominant factor for influencing production in MD. Next 
came air gap width and coolant temperature. 
• Changing the porosity and thickness of membrane can be advantageous for 
production. Changing the pore diameter do not have significant effect on 
production rate, it only influences the mode of diffusion. 
• Inclusion of flow manipulating device such as spacers or stirrers or ultrasonic 
vibration can improve the production by minimizing the polarization phenomena 
on the liquid membrane interface. 
• The MD process is not as sensitive to feed concentration as other membrane 
processes like RO due to osmotic pressure. 
• MD can become a feasible desalination process if waste heat or the latent heat of 
condensation from the permeate or multi-stage modules are utilized. 
Along with the above issues, there were some findings as well which showed that certain 
areas have not been investigated in details and these are 
CHAPTER 2                                                                              LITERATURE REVIEW 
43 
 
• Most of the flat sheet membranes available from different manufacturer were 
vulnerable under strong flow and, hence, some sort of meshed support was needed 
to prevent the membrane from bulging. These supports definitely added some sort 
of resistance to the total mass transfer resistance from membrane to condensate 
layer. However, the overall mass transfer model developed involved the mass 
transfer resistance by membrane and air gap only, considering no resistance 
offered by support. Some authors did include the resistance from supported 
membrane, but only the heat transfer resistance was calculated. None of the work 
reviewed here involved the investigation of the effect of porosity/ pore size of 
membrane support. 
•  Multi-staging of MD has been proposed since the beginning of this process in the 
late 60’s. However, the trend of production from each stage was not reported 
properly. How it would affect the total energy consumption or what should be the 
limit for the numbers of stages were among the issues that have not been 
addressed. 
• The geometry and material of the cooling plate were not yet studied in detail. 
Though the dominant factor is the feed temperature and air gap, if using 
corrugated/finned coolant plate can add some advantages in production by 
AGMD is something that needs to be examined. 
In the next chapter, the development of model for MD process would require some of the 
analysis provided here.  
 
 





This section deals with the theoretical development of the MD transport phenomena through 
membrane, membrane support and air gap, condensation on the coolant plate and practical 
application of MD. Transport mechanism for mass transfer through membrane has been 
investigated in 1-D domain while the evaporation process at the feed-membrane interface has 
been investigated by solving the energy and species transport equations in a 2-D domain. The 
global mass transfer coefficient has been derived to combine all the 1-D mass transport 
resistances through membrane, membrane support and air gap. For the 1-D thermal transport, 
mainly conduction and heat carried by the evaporated mass has been considered. To find 
expressions for condensation, an analysis of the condensation on vertical plate has been 
included and enhancement in production has been predicted for specially designed coolant 
plate using these equations.  
3.1 Transfer processes in AGMD  
In an AGMD process, the transport is due to evaporation of the feed water caused by the 
partial pressure difference across the membrane. The vapour mass flux through membrane 
originates in the feed-membrane interface and then the pure water vapour passes through the 
pores in the membrane and support. After that, the vapour travels across the air gap between 
membrane and coolant plate and, finally, condenses on the plate to produce distillate. 
Simultaneous heat and mass transfer occurs when the feed evaporates and travels through the 
membrane and air gap.  
Figure 3.1 presents the overall transport process in an AGMD process 
CHAPTER 3 
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 Figure 3.1. Transport processes in AGMD  
Two methods to study the transport phenomena were tried. The first one was a simple but 
complete 1-D model which assumed that vapour travelled from membrane surface toward 
coolant plate and the potential for vapour flow was considered to be the partial pressure 
difference between two surfaces. The change in concentration due to this evaporation and 
temperature gradient along membrane length was not considered. The second method is a 
rather extensive analysis of heat and mass transfer on the feed chamber side mainly to 
investigate the evaporation process in a greater detail. A 2-D model is adopted considering 
the energy and species transport along and across the membrane and the membrane module 
exclusively. 
Before moving in to the mathematical modelling, it is important to understand the 
phenomenon of polarization.  As discussed in Chapter 1, the main two limiting factors of MD 
are temperature and concentration polarization due to evaporation at feed-membrane 
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interface.  When salt solution is brought to membrane surface, the evaporated water passes 
through the membrane while the rest of the concentrated solution is retained near the 
membrane-liquid interface. This causes accumulation of more concentrated solution adjacent 
to membrane. It has been defined as concentration polarization and the expression is given by 









=τ                              (3.1) 
here C denotes the mass fraction of solute. 
As the transport process is inversely proportional to the concentration difference across 
membrane [Alklaibi ,2004], concentration polarization affects the production adversely.  
Since MD process involves simultaneous heat and mass transfer, the heat required for 
evaporation at the membrane surface has to be supplied from the bulk solution which creates 
a temperature gradient among the bulk fluid and the layer adjacent to membrane. This 
phenomena of temperature polarization has been described by Schofield et al. (1987) as 
 
TT





=τ                                   (3.2-a) 
With lower temperature at the membrane-liquid interface, the partial pressure difference 
across the membrane reduces which causes decreased evaporation rate. 
Both of these polarizations are undesirable for MD production. However, it was shown 
experimentally by Banat (1994) that τc has little effect on distillate production as increasing 
the NaCl concentration 10 folds reduced the production by 6% only. 
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For temperature polarization, it is desired to have the value of τ as close to unity as possible 
as claimed by Schofield et al. (1987). But this definition of temperature polarization seems 
counter intuitive as for better performance, high values of τ is desired, while high values of τc 









−=τ              (3.2-b) 
3.1.1. The 1-D model for vapour transport through membrane and air gap 
Three stages were considered in this model, firstly, the vapour generates at membrane surface 
and then travels through membrane; afterwards it travels through the membrane support mesh 
and the air gap before it condenses on the coolant plate. The mode of diffusion varied 
depending on the diffusion path for each of the segments. The assumptions made during the 
model development was 
1. It is a case of pure diffusion only; no convective mass transfer is involved. 
2. The mass diffusion is steady state, one dimensional. 
Diffusion through a porous media like the membrane can be classified in two major classes 
based on pore size and mean free path, λ, which is described by Roque-Malherbe (2007) as 
3.1.1.1.  Mass transfer through membrane 
 
]  )MG [RT/(2 P
μ 3.2  λ  
 c
π
=  cm                        (3.3) 
Where Gc=980 gram mass-cm/gm-force-sec2 and R=84780 gram-force-cm/K-g-mole for this 
calculation specified by Roque-Malherbe (2007).  
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The European Nuclear Society defined mean free path as the average distance covered by a 
moving particle (such as an atom, a molecule, a photon) between successive impacts 
(collisions) which modify its direction or energy or other particle properties.  
i) If the mean free path, λ, is smaller compared to pore diameter, the diffusion occurs by 
either molecular or Poiseuille mechanism depending on the presence of total pressure 
difference across the membrane. If there is no pressure difference present across the 
membrane, molecular diffusion will dominate the process while for an existing difference in 
total pressure across the membrane; there will be a direct contribution to the flux from forced 
laminar flow through the pores making Poiseuille mechanism to dominate the diffusion 
process. For the laboratory scale single-stage experiments, there was no significant pressure 
difference across the membrane and no vacuum was introduced on either side. However, for 
the multistage MD modules, the first module experienced a static pressure exerted on it and, 
hence, the possibility of Poiseuille diffusion was also considered for that case. Molecular 
diffusion was considered to be dominant for all single stage MD experiments with no marked 
pressure difference across membrane. 
ii) If the mean free path is greater compared to pore diameter, the diffusion mechanism 
follows that defined by Knudsen, termed as Knudsen diffusion. For this case, Knudsen 
number Kn is defined as Kn =λ/d, where d=pore diameter. Figure 3.2 below shows the 
dominant types of transport mechanism through membrane pores. 
 
Figure 3.2.Types of diffusion mechanism through pores (a) Molecular (b) Knudsen  
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Now for a diffusion process to become Knudsen diffusion, Kn >10 and for molecular 
diffusion, Kn <10-2. Between these ranges, the diffusion is a mixed type. [Roque-Malherbe 
(2007) ]. 
Therefore, it was first determined based on the available membrane properties data, the type 
of diffusion taking place through the membrane. The flow pressure was measured from the 
re-circulator performance data and for the flow rate in the operating range, the pressure was 
almost atmospheric. Since there was no vacuum associated in the air gap side; the air gap 
pressure was also assumed to be atmospheric. Hence, the possibility of Poiseulle diffusion 
was excluded. 
Next, the comparison of mean free path and the pore size (diameter) was made. The 
membrane pore size was 0.45 x10-06 meters. The calculated mean free path was λ=6.13 x10-06 
cm  and Kn for this case was 0.136. 
Since, 10> Kn >10-2, the diffusion is a transition type between Knudsen and molecular 
diffusion. 
Once the diffusion process has been determined, the next step was to look for the diffusion 
coefficient for this transient process between Knudsen and molecular diffusion. 
Knudsen diffusion coefficient Dk is defined by Roque-Malherbe (2007) as 
Dk=9.7x10-3   m2/s                  (3.4) 
For molecular diffusion of vapour through the air inside the pore, the diffusion coefficient is 
given by Taylor and Krishna (1993) as 
[ ] ZZ P
MM
MM
















×=                  (3.5) 
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Where, Cab=1.013x10-2 and Z=molecular diffusion volumes of water and air (13.1 and 19.7), 
respectively.  
Scott and Dullien (1962) derived expression for the combined diffusion coefficient for 
















D                 (3.6)   
where  
α=1+Na/Nw  
Here, the vapour transport is dominant, hence the value Na/Nw is considered to be negligible 
and α = 1. 
According to Sherwood et al. (1975) since the diffusion is taking place through pores, the 
porosity of membrane and tortuosity ( as a measure of irregularity in shapes of the pores) is 
also considered and thus  
Dm=Dcombined x (porosity/tortuosity)                                       (3.7) 
Therefore, the expression for water vapour molar flux as given by  Scott and Dullien (1962) 







                            (3.8) 
Here, P=Patm 
The porosity and membrane thickness are known from the membrane manufacturer’s data 
while the tortuosity value has been adopted from the work of  Izquierdo-Gil et al (1999) with 
similar membrane. 
CHAPTER 3                                 MODELLING AND SIMULATION 
51 
 
The mole fraction of vapour Yw =  Pw/Patm, where Pw is the partial vapour pressure. 
Hence, the final expression for mass transfer through the membrane becomes in terms of 







 moles/sec                                    (3.9) 
It is not easy to measure partial pressure of water vapour, but it can be expressed in terms of 
temperature by Antoine’s relation for pure water where 
log Pw-pure =B1 – A1/(C1 + T),                (3.10) 
values of B1, A1 and C1 are taken from  the work of Smith (1981) as B1=23.834, A1=3841 and 
C1=45. 
When salt is present in the solution, the value of Pw is corrected using Raoult’s law as 
water puerNaClw P)CM1(P −=                  (3.11)  
here, CM=mole solute concentration. 
However, as previously worked out by Alklaibi (2004), (3.11) is not valid for higher 







=                   (3.12) 
and kw=a+bγ0.5 
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Here, kw=relative molal vapour pressure depression, mw=molality of solution, γ=Ionic 
strength of NaCl ( for NaCl, γ=molar concentration) ; a and b are temperature dependant 
parameters expressed as a=a1+a2T+a3T2 and b= b1+b2T+b3T2 . 
Later in Chapter 5, it is found that the model using Raoult’s law failed to predict the 
production rate at higher salt concentration although it worked well until concentration range 
of 3%.  
The Poiseuille-Knudsen diffusion for presence of pressure difference across membrane has 
been well worked by Schofield et al. (1990) 
P  M b ∆=
•
pα                              (3.13) 
difference  pressureP
flow.  Poiseuillefor    1  b  and  diffusion,Knudsen  for   0 b
P/P








   
The values of α and b were available for the same membrane from Schofield et al.(1990). 
In the AGMD process, a rigid support is needed to be attached with the membrane to hold the 
membrane against the feed flow and protect it from bulging. It has been observed that in the 
past studies, although the mass transfer resistance has been considered for the membrane, no 
significant attention was given to the resistance offered by the membrane support. 
3.1.1.2 .Mass transfer through membrane support and air gap  
For the support, the mesh size was quite large compared to pore size of membrane and the Kn 
value falls dominantly in molecular transport region.  
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After passing through the support, the vapour travels through the air gap by molecular 
diffusion again as previously shown in Figure 3.1. Both the mechanisms can be expressed by 










               (3.14) 
for the support, the value of Dx=Ds 
and for the air gap, the value of Dx=DAB  
similar to membrane pores according to Sherwood(1975) Ds can be expressed as 
Ds=(porosity/tortuosity)support .DAB                          (3.15) 
For the support, the vapour was passing not through any porous “medium”, rather through a 
uniformly perforated plate with no irregularity; hence, the tortuosity is taken as 1 since there 
is no tortuous effect on the flow.   



























gapair  for the conditionboundary  and
 P,tat y
 P0, y









CHAPTER 3                                 MODELLING AND SIMULATION 
54 
 



















CDM                                       (3.16) 



















CDM                         (3.17) 
where Cv is the molar concentration expressed as 
avg
v RT
PC =                    (3.18) 
Tavg has been considered as the air gap temperature and P=Patm as the diffusion occurs at 
atmospheric pressure. 
 
In the earlier sections, mainly the mass transfer process and the generated mass flux of water 
have been looked into based on the magnitude of partial pressure differences. However, the 
mass transport and hence the production rate is also dependant on the mass transfer resistance 
offered by the membrane, the membrane support and the air gap. Only maintaining a specific 
partial pressure difference will not give the same vapour flux always as understood by the 
process of heat flow (temperature difference) or current flow (voltage difference). If the 
porosity of the membrane or the support mesh is changed, it will affect the total production. 
Therefore, an analysis of mass transfer resistance has been included and based on that, an 
expression of overall mass transfer coefficient from membrane to coolant plate has been 
derived.  
3.1.1.3. Mass transfer resistances and global mass transfer coefficient 
From (3.9) the expression for molar flux through membrane can be expressed as 
a. Mass transfer resistance offered by membrane 















r =                               (3.19) 
The mass transfer resistance of the membrane support may be written from (3.14) considering 
the partial pressure difference to be the driving potential as 







=                (3.20) 
For the air gap, the mass transfer resistance is obtained in a similar manner for the support as 







=                            (3.21) 
Combining (3.19) to (3.21) gives the expression for global mass transfer coefficient  (GMC) 
following heat transfer analogy as 
d. Global mass transfer coefficient 
gapsupportm
p r+r+r
1K =                 (3.22) 
Hence, the overall molar flux can be expressed in terms of overall mass transfer coefficient 
and partial pressure difference as 
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[ ]w(p)w(m)p PPKM −=
•
 mole/s.                                       (3.23) 
Here, since equation (3.23) is expressed in terms of partial pressure difference, the unit of Kp 
has been expressed as mole-m/joules-sec. The method has been successfully used by 
Mourgues et al.(2010), Bocquet et al. (2007) and Romero et al. (2003). With the help of 
equation (3.23), it would be possible to predict the effect of changing process parameters 
such as membrane and support porosity, air gap length etc inside the air gap. 







c                   (3.24) 
The value of 
•
M   in the above equation has been taken from (3.9) for necessity of simulation 
procedure involved with the membrane parameters as for in the 2-D simulation, while for the 
marine application of MD, the value of 
•
M  has been used from (3.17) where the air gap 
transport has been considered for simplicity. 
Finally, the product vapour flux can be calculated for passing through membrane, membrane 








              (3.25)         
The 1-D transport covers mainly diffusion for small air gap, for the case of convection inside 
air gap, the mass transfer coefficient for air gap can be obtained from Reynolds analogy as 
given by Holman (2002) for simultaneous heat and mass transfer as 




























=                           (3.26) 
3.1.2. Theoretical development for heat and mass transfer in the feed chamber (2-D model) 
In this section, a mathematical model for evaporation process inside the feed chamber has 
been developed considering the energy and species transport process. The heat and mass 
transfer equations for this process have been solved numerically using MATLAB. The salt 
concentration and temperature distribution have been looked into and the evaporation rate has 
been calculated to validate the experimental results. Later, the evaporation rate from the 
chamber has been compared with the results obtained from 1-D transport analysis. The 
following assumptions were made during the model development: 
1. The system is in a steady state and flow is considered fully developed inside the chamber. 
2. Negligible heat losses from the system. 
3. Heat transfer by conduction and mass transfer by diffusion in the direction of flow are 
negligible. 
4. The flow is laminar and the entrance effect has been considered negligible. 
5. Physical properties of the solution are assumed to be constant. 
 









Figure 3.3. Evaporation process in the existing MD module 
3.1.2.1. Governing Equations 
The conservation equations of mass, momentum and energy have been used to solve the 
existing problem in a Cartesian co-ordinate. Although the feed chamber was cylindrical, the 
membrane used was a flat sheet type. For such a configuration, it’s natural to use Cartesian 
coordinates, if flow in hollow fibres were considered; cylindrical coordinates would be more 
convenient [Chernyshov et al. (2003)]. The following section describes the different 
expressions that have been derived and subsequently solved to evaluate different parameters. 
The Reynolds number was calculated prior to derivation of the expressions and it indicated 
the flow is laminar throughout. 
The flow inside the chamber has been shown in Figure 3.3 while an elemental control volume 
is considered inside the chamber and the forces acting on it are shown in Figure 3.4. The 
solution flows along x axis and the evaporation takes place along the y –axis. The depth of 
CHAPTER 3                                 MODELLING AND SIMULATION 
59 
 
the control volume is W. Two velocities u and v, have been considered along x and y 
directions, respectively. 
 
Figure 3.4. The control volume inside MD feed chamber 
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For steady-state condition, for a rectangular co-ordinate, a mass balance on the control 
volume (Figure 3.4) gives 
The continuity equation 
mass flow into the element=mass flow out of the element 












ρ∂     











∂     (3.27)   
Equation (3.27) is the form of mass continuity equation for evaporation process.                    
From the conservation of momentum, 
The momentum equation 
rate of change of momentum=∑forces  
Considering the net momentum is balanced by net pressure and shear force with gravity 
acting downward, using the equations of motion in rectangular co-ordinates in terms of 
velocity gradients with constant ρ and µ [from Bird(1960)] gives 








































uuρ                (3.28) 
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vuρ              (3.29) 
For the conservation of energy, an energy balance is made over the control volume neglecting 
heat conduction in the direction of flow and the viscous work. 
The energy equation 




































−              (3.30) 
Heat convected into the element along y axis = T.dx.W.v.cρ psol  









−                  (3.31) 
For  x axis, 
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−              (3.32) 
Heat convected into the element along x axis = T.dy.W.u.cρ psol  









−                       (3.33) 
Since there is no heat generation within the element, hence 
 ∑Net heat=0 
































Tu                           (3.34) 
Since the conduction term along x axis is negligible compared to the convection term, for the 
simulation the conducted energy along x-axis has been neglected for simplicity. 
Similar to the energy equation, the mass transfer equation is expressed as 































u             (3.35) 
Similar to energy transport, the diffusion of salt along the flow direction is negligible and 
hence, only the diffusion along y direction will be considered. 
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3.1.2.2. Velocity components   
As seen in Figure 3.3, the inlet and exit path of fluid inside the MD module are specially 
located to reduce the heat loss between the membrane and the hot feed and provide better 
mixing of the feed. The feed entrance was placed at a close proximity of the membrane 
surface to minimize heat loss and the exit path was set away from the entrance axis to ensure 
better circulation of the feed before it leaves the chamber. It also provided some washing 
effect from the membrane surface to reduce concentration polarization, as seen in Figure 3.5.  
 
Figure 3.5. Velocity magnitude and distribution inside the MD module 
For this case, the CFD software FLUENT was used as a tool to examine the u and v velocity 
patterns and magnitudes with properly scaled geometry developed in GAMBIT. To run the 
Membrane  
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simulation program in MATLAB for concentration and temperature distribution, some 
expressions for these velocities are  required, since it did not follow any specific flow pattern 
as seen in Figure 3.5, it was determined using FLUENT as a tool with the proper boundary 
conditions. After getting the velocity distributions the velocity values for the chamber region 
were fed into the MATLAB program as a matrix. 
3.1.2.3 .Boundary Conditions 
1. At x=0, i.e., at the entrance,  
C NaCl = C NaCl |entrance, ; T=To, and F=Fo,         (3.36)  
2. At y=0, i.e., at the wall 
0
dy
dCNaCl = and T=Twall                         (3.37) 
3. At y=L, i.e., at the membrane –feed interface 




ρv.ρvv +=          (3.38) 
since vNaCl=0 as there is no salt flux , and 
•





=          (3.39) 
At interface, the diffusion of water can be described as  






dC..Dρρv ==  ,                                                                                             (3.40) 
since Cw=1-CNaCl and wwρv = 
•










−=           (3.41)  
For the interface temperature , an energy balance at the membrane interface gives  
Heat conducted to the interface=heat conducted through the membrane + latent heat taken by 






















−                                          (3.42) 
This equation provides the expression for Tm, the interface temperature to solve energy 
equation.   
The value of temperature after the membrane ,Tam, was determined experimentally and at 
different locations of the membrane. However, no significant variation in the magnitude of 
temperature was found among the different positions, hence it was considered to be constant.  
To validate the guessed value of mass flux, equation (3.24) was used in the program which 
deals with the 1-D membrane transport of vapour. Although equation (3.24) was developed 
from the 1-D analysis, the 2-D effect took place through the variation in Tm . Here mass 
transfer resistance offered by membrane porosity influence the process through the 
membrane thermal conductivity which is not merely the conductivity of membrane material; 
but is a combination of the porous and non porous zone of the membrane as proposed by 
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Jonsson et al. (1985) and later used by Sarti et al.(1985) and  Schofield et al.(1987)  to predict 
the effective membrane thermal conductivity. The expression for this combined conductivity 
is  
keff=εkg+(1-ε)km,                 (3.43) 
Where kg is thermal conductivity of gas (water vapour) and kmembrane is thermal conductivity 
of membrane material.  
3.1.2.4 .Method of Solution 
The numerical method solved the energy and species transport equations and evaporation rate 
was the outcome.  Additionally, it also provided the temperature and concentration 
distribution inside the MD chamber. The procedure was completed in two stages: 
transformation of the co-ordinates and discretization of the equations in transformed axis 
using finite difference scheme. MATLAB was used to solve the equations for energy and 
species transport. 
The computational domain has been made dimensionless and rectangular. The y values have 
been replaced by ψ such that ψ =y/L and for the x axis, the x values have been substituted by 
the value ξ where  ξ =x/D. The details of the method are described in the next sections. 
Coordinate Transformation 
The original energy transport equation is obtained from equation (3.34) with neglecting the 
conduction along x axis as  
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Tu          (3.44)                                           



























)(Cu               (3.45) 
1. At ξ=0, i.e., at the entrance,  
 Boundary Conditions in the Transformed Coordinates 
C NaCl = C NaCl |entrance, ; T=To, and F=Fo,         (3.46)  
2. At ψ=0, i.e., at the wall 
0
dy
dCNaCl = and T=Twall,                     (3.47) 


































−                    (3.49) 
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For the existing problem, finite-difference techniques were applied, as finite differences are 
used to approximate differential increments in the temperature or concentration and space co-
ordinates. 
Discretization of the Governing Equations 
Considering in the ξ−ψ plane, there are n –divisions along ψ -direction and m divisions along 
ξ −direction. Hence, the increment along ξ −direction is ∆ ξ = 1/(m-0.5) and increment along 
ψ -direction is ∆ ψ =1/n . 
Figure 3.6 shows the computational domain and the nodal points. 
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Figure.3.6. Discretization  in the ξ−ψ co-ordinate 
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The expression for mass flux in discretized form becomes 
































                     (3.51) 
The discretization using upwind scheme gave the following expression for energy equation  
Discretized form of the energy and species transport equations 
ACT.AET.APT.AW )j,1i()j,i(j,1i =++ +−                      (3.52) 
The coefficients AW, AP, AE and AC  are given in Appendix-D.  





                     (3.53) 
The expressions for BW, BP, BE and BC are included in Appendix-D. 
3.1.2.5. The Computational Method 
The program written in MATLAB solved the energy and species transport equations. The 
known inputs including feed flow rate, solution temperature, wall temperature, chamber 
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length and solution properties like viscosity, density, diffusion coefficient, conductivity are 
fed into the program. The calculation starts with an initial guess value of mass flux. The mass 
transfer equation (3.45) is solved first using this value. After the concentration profile is 
found, the energy equation is solved using equation (3.44).The mass flux is calculated using 
equation (3.24). If the guess mass flux matches the calculated value then the calculation for 
next row is carried on. Otherwise, the program again starts with a new guess value of mass 
flux. Figure 3.7 shows the flowchart of the program. 




Assumption of evaporated mass flux, 
•
m  
  START 
Input parameters and fluid properties 
Obtain velocities u and v using FLUENT 
Calculation of concentration distribution inside the 
chamber by solving mass transfer equation 
Calculation of temperature distribution inside chamber by 
solving energy equation 





 New Value 
YES 
Calculation continued until last row and 
store the data. 
  STOP 
 
Figure.3.7. Flowchart of the program for 2-D evaporation model 
3.1.3. Heat transfer process in AGMD 
As seen in the previous section, the energy transfer process has been investigated in detail 
inside the feed chamber by solving the energy equation numerically. The following sections 
deals with the heat transfer processes in different sections of AGMD module.  
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The heat transfer process occurs in consecutive stages which include firstly the heat flux from 
the feed to the membrane surface followed by the heat transfer from membrane surface 
through membrane pores to the other side and then passing through membrane support and 
air gap before getting condensed on the coolant plate. The process is shown in figure 3.8.  
 
Figure 3.8. Heat transfer from hot feed to coolant through evaporation, conduction and 
condensation 
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Once the feed chamber temperature distribution is known, the heat transfer equation inside 
feed chamber can be written as  
3.1.3.1.Heat transfer inside the feed chamber 
Heat transfer=heat transferred from bulk fluid to membrane+ sensible heat carried by the 
mass flux “to be evaporated” [Kimura et al.(1987)] 
 )T(Tcm)TA(ThQ mbulkpLmbulkfeed −+−=
•
                                                     (3.54) 
where hfeed=convective heat transfer coefficient and cpL=specific heat in liquid phase 
The value of hfeed can be found from the correlation derived for laminar flow in ducts by 



















=                               (3.55) 
Here µ and µm are the viscosities evaluated at bulk fluid temperature and membrane interface 
temperature, respectively. The above equation has also been used by Banat (1994) for a 
similar MD configuration.        
The transport process through membrane actually is a combination of heat and mass transfer 
and, therefore, involves both conduction and convection in addition to the heat carried by the 
vapour mass along with the latent heat of evaporation. The mass to be evaporated comes to 
the feed membrane interface, evaporates there and travels through membrane. 
3.1.3.2.Heat transfer through membrane 
Hence, 
CHAPTER 3                                 MODELLING AND SIMULATION 
74 
 
Total heat transferred at interface=sensible heat carried by the vapour + latent heat of 













+=                                                           (3.56) 
The first term in (3.56) has two components of sensible heat, viz., the sensible heat carried by 
conduction without mass transfer and sensible heat carried by the evaporated mass. The last 
term is caused by evaporation at the feed-membrane interface. 
The vapour generated at the feed-membrane interface travels through the membrane and then 
passes through the membrane support. Since the support is very thin (0.5 mm), energy 
transport process similar to that for the membrane has been considered for this case.  Hence, 
the heat transfer through the support takes the following form  














                                                (3.57) 
Here, keffsupport=effective conductivity of the support as it is a porous screen with air 
containing inside the pores, with the material conductivity taken as that of stainless steel. 
For heat transfer through air gap, the Rayleigh number is used to determine whether the 
dominant heat transfer mechanism was conduction or convection. Rayleigh number is defined 
as 
3.1.3.4. Heat transfer through air gap 









=                                                         (3.58) 
For the experimental range of temperature difference across the air gap and the width of air 
gap, the Ra value was below 1000 which indicated that the heat transfer was dominated by 
conduction. 















                         (3.59) 
This section deals in details with the condensation process in MD. The first part includes 
simple condensation process on a vertical flat plate while the latter discusses about 
condensation on a finned plate. The following assumptions were made during the model 
development 
3.1.3.5.Heat transfer during condensation  
1. The process was in steady state and the generated vapour condensed completely on the 
coolant plate. 
2. The condensation was film type as the surface is not especially smooth to provide droplet 
condensation. 
3. There was no vapour or heat loss to the surrounding as the air gap was properly sealed and 
insulated. 
4. The convective heat transfer (in x-direction) was negligible as the flim thickness was very 
small and heat was transferred to coolant side by conduction through the coolant plate. 
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5. The coolant plate temperature was considered uniform as the metal conductivity was high 
and plate was very thin (=1 mm). 
The generated vapour travels through the air gap and forms a film during condensation. From 
the bottom of the plate the condensate is collected. Figure 3.9 describes the process of 
condensation. 








Figure 3.9. Condensation process on the coolant plate 
The heat transfer coefficient for condensation has been determined using equations from 
Holman (2002) where the coolant plate temperature  is maintained at Tp and the vapour 
temperature at the edge of  the film is Tg ( for this case, the average air gap temperature has 
been considered from experimental data). The film thickness is represented by δ and the co- 
ordinate system has been chosen with the positive x-direction downward, i.e. the travel 
direction of the condensate with the velocity uc. It is assumed by Holman (2002) that the 
viscous shear of the vapour on the film is negligible at y=δ. The weight of the fluid element is 
dx 
  δ 














  ( )dxygw −δρ  
  ( )dxyδgρg −  
    vapour from feed 
  condensate 
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balanced by the viscous shear force at y and buoyancy force due to the displaced vapour. This 




μy)dxg(δρ gcgw −+=−                (3.60) 









c −= y                 (3.61) 
Mass flow 
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−=−                (3.64) 
Or, 
δ(x)
k(x)h wc =                  (3.65)         
The average value of heat transfer coefficient is obtained from integrating h(x) over the 
length of the plate  
















                (3.66) 
And overall heat transfer )TTA(hQ pgc −=                (3.67) 
The values of gT  and pT   were measured experimentally at the middle depth of the plate and 
air gap. 














                 (3.68) 
It is seen from (3.68) that if all other parameters remain constants, the value of Q is the 
determining factor for evaporation rate and the latter can be increased by boosting up the 
value of Q in (3.67) either by increasing area A or increasing hc for a certain temperature 
difference. 
A channelled coolant plate was used instead of the flat one to investigate the effect of the 
increased area on the production rate. It was aimed to observe if increasing the condensation 
area enhanced the production under the effect of combined heat and mass transfer 
enhancement. 
b. Heat transfer on channelled coolant plate 
Since the partial pressure difference was calculated based on the temperature difference 
across the membrane and air gap, there was no direct way to relate the enhancement in partial 
pressure difference caused by increased condensing area. Therefore, for the finned coolant 
plate, an analysis of heat transfer on fins has been used with including the condensation heat 
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transfer coefficient hc to calculate the value of enhanced Q. This value of enhanced Q was 
then related to the generated vapour mass flux by (3.68).  
The photograph of the channelled plate and the schematic diagram are shown below in Figure 
3.10 while Figure 3.11 shows the different parameters of a single fin. The fin length (depth) 
is lf, the height is df and the width is wf. For the experimental set up, lf and wf was of equal 







Figure.3.10. The channelled coolant plate used for condensation 












Figure 3.11.A single fin on the coolant plate 
Since the fin depth lf was small compared to the height of fin df, it was a case of where 
convection from the fin tip was present. For such a case, using the fin analysis from Holman 
(2002) gives 








−=                (3.69) 
Where m2=hcP/(kpAfin) 
 






















=η                      (3.70) 
 Before designing the channelled plate, a check on the fin effectiveness was done to check the 












==ε                                  (3.71) 
Now, the total heat transferred is a combination of both finned and un-finned area.  
)T(T)hNA(AN.qqQ pgcftotalfinfinned-total −−+==
Total heat transfer with fins 
             (3.72) 
Since a finned surface was introduced as the coolant plate, it was necessary to calculate the 
equivalent air gap width. It was then investigated the improved performance of the system 
using the finned coolant plate and flat plate. The equivalent air gap was calculated by 
combining air gap for un-finned area and air gap for finned area as seen in Figure 3.12 
Equivalent air gap 




Figure 3.12. Calculation of equivalent air gap 
 
equivalent air gap
platecoolant  of area total
area base finnedt
platecoolant  of area total
area base unfinnedt fb ×+×=       (3.73) 
The value of mass flux 
Mass flux using finned plate 
•
m  can be found by combining (3.68) and (3.72). MATLAB was used 
to write the codes to calculate heat transfer and hence the mass flux using the equations 
developed in this section. Figure 3.13 shows the flowchart. 
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Start calculation of  δf using the value of cm
•
 (3.24) 
  START 
Input parameters :N,lf,df , Tg ,Tp and fluid properties 
Calculation of hc for flat condensing plate (3.66) 
Calculation of qfin using the value of hc (3.69) 
Calculation of Q and find hnew for finned plate 
NO 




Calculation of qfin  
Calculation of Q =qtotal-finned and find 
•




  STOP 
 
Figure. 3.13. Flowchart for calculation of mass flux in channelled plate 
Heat is transferred through the coolant plate by conduction, as the following equation shows 
3.1.3.6.Heat transfer through coolant plate and coolant  


















=                                   (3.74) 




coolantcoolant-platecoolant=                                                                                   (3.75) 
The equations (3.54),( 3.56),(3.57),(3.59),(3.67) and (3.74) were utilized to find the 
temperatures at different points by solving the sets of linear equations by Newton-Raphson 
method to examine that the experimental temperatures measured were at the correct range. 
Putting in experimental temperature in the equations for validation of mass transfer served 
the purpose of accounting heat loss in the system. It gave the advantage of getting more 
accurate result and the numerical results were free of over prediction of the “no-heat loss” 
assumption.   
3.2. Practical application of MD using waste heat from engine cooling water in marine 
engines 
It has been found that AGMD can be a feasible method for desalination when low grade 
waste heat source is available. In this case, since there is no need of high pressure or vacuum, 
pump energy needed to supply the feed and coolant is the only requirement.  
Several studies on MD show that it has been used in using solar energy or other waste heat 
sources. However, there is a big resource of low grade waste heat where the feed is already 
available from marine engine cooling system. In this case, seawater is fed into the heat 
exchanger for the purpose of cooling marine engine.  For such a case, the AGMD has been 
applied to supply fresh water on-board ships.  
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The concept of desalination for ships has been practiced in the form of mainly MSF/MED or 
recently by RO, which require high temperature and/or vacuum generation (for MSF/MED) 
and high pressure (for RO). The use of low grade waste heat from the engine cooling water 
has not been considered significantly. For environmental purposes, the hot water produced 
from cooling the engine is cooled by marine heat exchanger before it is diverted back to the 
sea. The application of MD for this case can add some benefit in production of freshwater 
along with the existing MSF or MED cycle. The heat exchanger flow rate can be manipulated 
to get the exit seawater from heat exchanger at a suitable feed temperature and only except 
the pumping energy; no other energy will be required. 
3.2.1. The multistage MD process and module orientation 
Based on the experience with multistage experiments, which is described in Chapter 4, a 
multistage MD unit has been proposed for supplying freshwater on board ships. The collected 
experimental data were used to write a simulation program for applying MD in a ship for 
specific production rate. The program was written in MATLAB. The lab-scale experiment 
was done for small sized modules and for the simulation, a bigger size module has been 
considered for practical application. 
 




Figure 3.14. Standard freshwater supply system on board ships ( Courtesy:Hatenboer-Water) 
Area of interest 
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As seen in figure 3.14, the freshwater supply system on board ships may be from RO or 
evaporation of seawater. Most ships use RO desalination system to provide freshwater .The 
freshwater production zone was targetted for simulation by utilizing the engine cooling water 
as feed for MD process. 
For the simulation of water production rate, the mass transfer through air-gap model was used 
for its simple yet accurate analytical approach. For the heat exchanger, based on the product 
water requirement, shell and tube water heat exchangers from Thermex-2500 series were 
selected because of their extensive use in marine heat exchange application. The sea surface 
water was used as coolant for simplicity since for MD process, feed temperature and air gap 
are rather dominant factors for production. However, the effect of coolant water temperature 
was investigated using the simulation for a multistage MD where there is a certain limit of 
feed exit temperature. The details of the results are included in Chapter 5. Figure 3.15 shows 
the initial idea of implementing multi-staging for MD.  
    
 
Figure 3.15. Initial plan for the multistage MD unit 
m(total) 
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It was found from experiments that vertical stacking within a height H triggers a higher 
production rate by exerting static pressure on the first stage. As long as this pressure is below 
the liquid entry pressure (LEP) for the membrane material, it would be an added advantage 
for production rate. However, from the lab scale experiment, it was found that the first stage 
product water had twice the conductivity of the subsequent stages and was higher than the tap 
water conductivity. Hence the vertical stacking was not suggested for the simulation. 
The arrangement of the hot side and cold side was planned to maximize the use of available 
energy. The number of modules N in each unit was based upon the value of Tentry to Tsea_exit. 
The hot feed coming from heat exchanger goes into the first module and continues until it 
reaches Tsea_exit. These modules constitute one unit with Nm number of modules in a single 
pass. For higher demand, these unit numbers were increased. 
The coolant, which is considered as seawater for this case was supplied to the modules for 
each unit separately but it was not allowed to pass through the modules continuously for Nm 
modules as in that case the coolant temperature was rising near to the hot feed temperature 
magnitude and thus not benefiting the production. Therefore, it was calculated, based on the 
evaporation rate, the energy absorbed by the coolant and temperature rise in each module. 
Based on that, the coolant supply was set to re-enter from the sea after passing certain 
number of modules. Figure 3.16 shows the feed and coolant supply arrangement for the MD 
modules in one unit. It is seen in the figure that the hot feed line continued until reaching a 








Figure 3.16. Arrangement of MD modules for one unit 
3.2.2. Parameters considered for simulation 
For this simulation, several parameters were to be considered prior to the program. Here is a 
brief description of those parameters and their limits. 
Data from Thermex 2500 series heat exchanger was used for simulation. The feed flow rate 
was determined based on a sea surface temperature of 20oC. The engine heat dissipation 
would become 
Feed flow rate and feed temperature 
Qdissipated=m x Cp x ∆T 
Table 3.1 shows the heat dissipation rate and the manipulated flow rate and feed temperature 
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  kW  lpm oC oC 
2512 17 5 48.73387 68.73387 
2522 25 7 51.19104 71.19104 
2532 32 9 50.96353 70.96353 
2542 42 12 50.16722 70.16722 
2552 51 15 48.73387 68.73387 
2562 68 20 48.73387 68.73387 
2572 85 25 48.73387 68.73387 
2582 110 32 49.27138 69.27138 
2592 135 40 48.37554 68.37554 
 
Based on a sea surface temperature of 20oC, the value of Th can be found from Table 3.1, 
which is in the range of 68 to 70oC. This value is controlled by two factors; the sea surface 
temperature and the flow rate to heat exchanger. For a warmer sea surface temperature, the 
flow rate must be adjusted to have the desired Th at the MD module entrance 
A bigger size module was considered and the heat loss to the ambient was considered from 
the experimentally available linear relation  for the first stage as  
Tactual=0.96xTh+0.8                  (3.76) 
For the subsequent stages, it was considered that 
•
m hfg amount of heat is lost from each stage 
prior entering the next stage, as it was the major portion of heat lost between modules. Hence 
the entry and exit temperature to each stage is related to the vapour flux as 
FCp(Tentry-Texit)HOT= 
•
m hfg                 (3.77) 
here, the feed from the first stage exits from the module with an exit temperature of Texit , and 
for the subsequent stage,Texit becomes the feed temperature. 
CHAPTER 3                                 MODELLING AND SIMULATION 
91 
 
The final exit temperature from the unit was set to certain value Tsea_exit<40oC, to avoid 
environmental impact and hence the feed was not allowed to escape to sea until the hot feed 
reaches Tsea_exit.  
As the feed was giving away the heat through evaporation, the coolant solution was receiving 
it considering no heat loss between the air gap. Similar to Equation (3.77), the coolant 




m hfg                     (3.78) 
A target production was set and the number of units required for this production was 
calculated. With the given membrane area Am, and number of modules required in one pass 
Nm (to lower the Th value to Texit_sea), the target production, can be related to the total number 
of modules as 
Target production  









            (3.79) 
The freshwater requirement for marine application ranges from as low as 1 m3/day to as high 
as 600 m3/day, depending on the size and capacity. Since AGMD process is not capable of 
robust production, the target production has been set for small to medium sized ship, for 
which the freshwater requirement goes maximum up to 10m3/day.  
The MD modules were designed to provide a portion of the freshwater in addition to the 
existing RO system. Table 3.2 gives a summary of freshwater requirement for marine vessels. 
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Table 3.2. Freshwater requirement for different marine vessel (Information collected from 
Hatenboer-Water b.v. website) 
Marine vessel Freshwater requirement (m3/day) 
Small patrol vessel 3 
Offshore derrick barge and Offshore drilling rig 60 
Offshore support vessel 20 
Offshore jack-up rig 35 
Navy vessel 35 
3 mast top sail schooner, super yacht, small passenger 
ships 
1-10 
The power required was only due to pumping feed and coolant. Hph denotes the energy 
consumed by the feed circulation pump and expressed as 
Power requirement 
HPh= Number of units x (γ.q.Hh)              (3.80) 
The head Hh included the static head and head losses caused by minor and major friction 
losses. 
The coolant pump consumed more power because, per single pass of the hot feed flow, the 
coolant flow had multiple entries; hence, the power consumed by the coolant side pump was 
HPc=Number of units x(number of entry in each unit) x(γ.q.Hc)                                    (3.81) 
γ=fluid specific weight 
Hc =total head including the minor and major friction losses 
q=volumetric flow rate 
Table 3.3 below gives a summary of the parameters considered for simulation with the range 
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Table 3.3. Input parameters for simulation 
Parameter Range 
Feed temperature 50-80oC 
Coolant temperature 5-30oC 
Target production 1-15 m3/day 
Membrane area(in each stage) 0.1-0.4m2 
Feed salinity 15000-55000 ppm 
Air gap 1-5 mm 
 
3.2.3. Simulation procedure 
The vapour transport through air gap was considered for the simulation. The simulation 
started with the fixed feed temperature and flow rate with a target production. Based on the 
feed temperature and flow rate, a suitable heat exchanger series was chosen. Evaporation rate 
from each module was calculated using Equation 3.24 and for each stage the temperature 
drop in the feed chamber and temperature rise in coolant chamber was calculated using (3.77) 
and (3.78), respectively. The calculation continued until Texit from the feed chamber reaches a 
value near Tsea_exit. The number of stages in each pass, Nm was determined and the total 
product was calculated for Nm stages. Total number of modules was calculated from (3.79). 
The pump power required by the feed and coolant side was found from (3.80) and (3.81).  
Figure 3.17 shows the flow chart of the simulation. 




Input: target production, feed temperature and flow rate, air gap
and feed exit temperature to the sea and ship location ( to
determine coolant temperature and salinity) and fluid properties
Select heat exchanger from Thermex series
Use available heat dissipation rates for specific series and based
on desired feed flow rate and feed temperature, select suitable
HE series
Use equation (3.24) to find the evaporation rate from each
module based on flow /module orientation
Start calculating the number of stages, Nm, required until the
temperature drops to Texit_sea  and set Tc  entrance after certain
intervals
Calculate total number of modules required for target




Figure 3.17. Flowchart for calculation of number of MD modules for application in marine 
desalination 
Summary 
This chapter presented development of the model used in the study. An overall 1-D model 
has been used to predict the mass transport phenomena through membrane, membrane 
support, air gap, while a 2-D model solved the energy and mass transfer equations by finite 
difference scheme inside the feed chamber thus providing the temperature and concentration 
distribution of feed mainly on the membrane interface. The heat transfer process from 
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membrane to condensing plate has been analysed using 1-D model and enhanced mass 
transfer caused by a specially designed finned plate has been explained with these equations. 
Feasibility of MD for practical use has been investigated for engine cooling water coming 
from a marine engine. The orientation of the modules and limiting exit temperature of the hot 
feed were the main parameters to consider for this simulation. Mainly MATLAB has been 
used for solving the sets of equations.   





An experimental investigation was carried out on an AGMD system. The MD module used 
flat sheet hydrophobic PVDF membranes. This chapter presents the design and construction 
of a single stage AGMD unit first and then a multistage AGMD unit. A deeper understanding 
of the MD process was aimed for this project and, hence, the test rigs were instrumented to 
measure as many variables possible. The feed and coolant supply temperatures were kept 
constant with the help of re-circulatory water baths.  
4.1. Single stage experimental set-up 
One of the main advantages of MD process is its simple configuration. Production from the 
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Figure 4.1 shows the schematic of the single stage AGMD unit. The apparatus includes the 
hydrophobic membrane, the membrane support, metal coolant plate, Polycarbonate casing 
and flanges. Figure 4.2 (a) and (b) show the arrangement of a single AGMD module. 
 
                                       Figure 4.2. (a) Diagram of  membrane module  
It is seen in details in Figure 4.2(a) the placement of membrane between the feed and coolant 
chambers. Figure 4.2(b) shows the attached MD module. 
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membrane 
7- Membrane 
8- Support mesh 
9- Air gap gasket 
10- Coolant plate 
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12-Coolant chamber 
13- Coolant entry 
14- Coolant exit 
15-Thermocouple insertion 
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Figure 4.2(b).Photograph of the membrane module (without end plates) 
4.1.1. Description of the process 
The hot and the coolant fluid temperatures were maintained and circulated by the available 
re-circulators in the lab. The hot re-circulator supplied the feed through a reinforced PVC 
pipe to the MD module feed chamber where the membrane was placed. On the way to the 
chamber, the feed flow rate was measured and controlled by a variable area flowmeter and a 
globe valve. After the feed came in contact with membrane, it evaporated at the membrane-
liquid interface and the vapour passed through the membrane pores. On the other side, the 
coolant supply was maintained with the help of the cold re-circulator bath using the same 
orientation as the hot side. The generated vapour travelled through the air gap and condensed 
on the coolant plate. In between the two chambers, the air gap was maintained by a flange 
with a slot cut at the bottom. Through that slot, the condensed distillate came out and was 
collected inside a graduated tube. The tube was connected with the slot by flexible piping. 
The air gap was varied using flanges with different thicknesses. The feed and the coolant 
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were led back to the re-circulators where the same supply temperatures were maintained 
according to the set value. 
4.1.2. Temperature measuring locations 
Measuring the temperatures at different locations was of utmost importance since the 
potential of vapour flow in MD process is dependant on partial pressure difference. The 
partial pressure difference is measured from Antoine’s relation using the temperature 
magnitude. Temperature measurement points were tapped at 12 different locations with T-
type thermocouples which were calibrated against the master thermometer. The different 









Figure 4.3. Temperature measurement locations inside the module 
4.2. Different components of the single stage MD unit 
The instruments and apparatus used were available from the lab as no complicated parts were 
needed. Here is a brief description of those: 
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The feed and coolant chambers were made of poly-carbonate tubes with an inner diameter of 
115 mm with a thickness of 5 mm. As seen in Figure 4.3, ‘A’ and ‘D’ were the entry of fluid 
to the feed and coolant chambers, respectively.  On each of the chambers, there were two 
openings on the exit side (B,C and E,F respectively). ‘B’ and ‘F’ were fluid exit paths for the 
feed and coolant, while paths C and E were provided to insert all the thermocouples. After 
inserting the thermocouples, C and E were sealed. 
4.2.1.Fluid chambers and piping  
The entry and exit were purposely kept not aligned for achieving a better flow orientation 
inside the chambers, especially for the feed side to have some washing effect on the 
membrane, thus keeping polarization under some control. 
For the feed side and coolant side, normal reinforced PVC piping was used in the single stage 
experiments, but it was observed that with increased temperature beyond 55oC, the reinforced 
PVC pipe experienced softening and thus caused obstruction in the flow path. Hence, for the 
next design in multistage MD, the feed supply pipe was replaced by a Teflon pipe. 
The membrane used was Millipore -Durapore PVDF disc shaped membrane with a diameter 
of 142 mm. It was held between the feed and coolant chambers with an air gap. The 
membrane material was PVDF with 0.45µm pore size and its porosity was 0.75. The other 
properties of the membrane are given in Table 4.1.  
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Table 4.1. Properties of the Durapore membrane 
Refractive Index 1.42 
Water Flow Rate, mL/min x cm2 35 
Bubble Point at 23 °C:  ≥ 0.56 bar, air with water 
Filter Color White 
Filter Surface Plain 
Gravimetric Extractables, % 0.5 
Thickness  125 µm 
Membrane effective area 88.2 cm2 
 
Figure 4.4 shows the photograph of the PVDF membrane below. 
 
Figure 4.4. The Durapore PVDF membrane 
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The membrane was pasted on a grooved flange as seen in Figure 4.5 and then the flange was 
attached to the feed side with silicone sealant.  
                   
Figure 4.5. Grooved flange to accommodate membrane  
On the other side, the membrane was supported by a stainless steel mesh, so its mechanical 
properties are preserved from damage.  The Teflon coated steel support was initially bought 
from Millipore with a porosity of 0.34. Later on, a stainless steel wire mesh with a higher 
porosity of 0.64 was used as a support. Figures 4.6(a) and 4.6(b) show the Millipore and 
stainless steel support, respectively 




Figure 4.6. Different membrane supports (a) Millipore support (b) Stainless steel wire mesh 
For the AGMD process, the desired air gap was maintained by providing gaskets between the 
two tubes. The gasket was made according to the membrane effective area, so the membrane 
effective area, the air gap cross-sectional area and the coolant plate area remain similar.  
4.2.3. The air gap  
 
Figure 4.7. The air gap gasket with the passage for distillate 
 (a) (b) 
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Figure 4.7 shows the specially designed flange that was used as the gasket. The lower notch 
provided a flow path for the distillate to flow out. 
The coolant plate was simply sealed to the coolant side flange, it had dimensions of  200x200 
mm with a thickness of 1 mm and two materials were used ; stainless steel and aluminium.  
The aluminium coolant plate experienced severe corrosion by oxide formation on the 
condensation surface as seen in Figure 4.8 below. Therefore, it was replaced by a stainless 
steel plate to avoid corrosion.  
4.2.4.Coolant plate  
 
Figure 4.8.Corroded Aluminium coolant plate  




Figure 4.9. Photo and schematic diagram of the channeled plate 
To study the enhancement of mass transfer, a coolant plate with channels was designed. 
Initially, attempts were made to prepare the  plate from Stainless Steel, but due to lack of 
proper machining facilities, the plate was made of Aluminium with a base thickness of 1 mm. 
Figure 4.9 shows the schematic and photo of the plate with channels. 
 
  5 
  5 
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After the modules along with the membrane and air gap gasket were attached with screws 
and properly sealed, because of the notch below the air gap gasket, a channel is formed for 
the distillate to exit.  A flexible tube was attached to the channel opening and the other end of 
the tube was placed in a graduated tube with each division measuring 1 ml. So after certain 
time interval, the volume of distillate was directly measured from the tube. 
4.2.5.Distillate collection system 
To establish the flow circulation system for the feed and coolant side, the HAAKE C-60 re-
circulator baths with temperature control system were used. As the fluid was circulated by the 
built in pumps inside the re-circulators, external globe valves were attached in the flow path 
to control the flow. Figure 4.10 shows the photo of the re-circulator used 
4.2.6. Flow system 
 
Figure 4.10. Fluid re-circulator used to maintain feed and coolant temperature 
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4.3. The multistage MD unit 
There were 3 stages of air gap membrane distillation module in total and it was arranged 
vertically upwards as seen in Figure 4.11. Between the first and second stages, there was 
provision for by-passing the flow to the re-circulator to run the setup in single stage mode 
when necessary. 
 
Figure 4.11. Schematic diagram of multistage MD System 
 
The flow for both feed and coolant chambers started in a similar manner to that in previous 
single stage MD unit. The fluid entered the bottom module first on both sides and then passed 
through the next modules before it was returned back to the re-circulator baths again. On the 
travel path of the fluids, the evaporation took place inside three modules and the distillate was 
collected separately to ensure the specific product quality from each stage. With the help of 
the globe valve the flow was controlled on both sides and the flow meters measured the flow 
rate. Two pressure gauges were inserted between the entry and exit of the first stage to detect 
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any static pressure rise caused by the modules situated above. A total of 36 thermocouples 
were inserted in different points of the 3 modules. Figure 4.12 shows the photograph of the 
existing multistage MD setup. 
 
Figure 4.12. Multi-stage MD set up 





Flow meters Flow control valves 
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4.4. Instruments, sensors and fluids 
The details of the instruments and sensors used for the experiments are described as follows 
There were twelve T-type thermocouples attached to the setup to measure the temperatures at 
different locations in each module. For this type of thermocouple, the temperature range is 
between -240 to 190oC with an accuracy of + 0.5oC. These thermocouples were calibrated 
using a standard mercury-in-glass thermometer with the accuracy of +0.05oC. The 
thermocouples wires were spot-welded to form the measuring tip. Both wire and stick-on 
flaps were used for different locations. The calibration data are provided in Appendix C. 
Thermocouples 
The pressure gauges were inserted between the first stage entry and exit for the multistage 
MD unit. For the single stage unit, it was already known from the re-circulator data that the 
pressure was atmospheric. But for the multistage, the effect of static pressure was important 
as it influenced the production from the first stage. The pressure gauge range was up to 2 
bars. The calibration of pressure gauge is given in Appendix C. 
Pressure Gauges 
There were two (F-46075L series from Blue White with Teflon float) variable area flow 
meters in the system to measure the flow rates in each module. The flow to the modules was 
controlled by two globe valves just before the flow meters. The flow range was between 0.8-
11 litres per minute (lpm). 
Flow meter 
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A Hewlett Packard data logger was used to measure temperatures at different points of the 
modules. The data logger can accommodate a maximum of 3 data cards and each card has 
provision for 25 channels. For the multistage MD unit, all of these three data cards were used 
by connecting a total of 36 thermocouples to it. 
Data Acquisition 
The conductivity of a solution is a function of solution concentration and solution 
temperature. The conductivity of the distillate was mainly measured as the salt solution was 
prepared according to the weight percentage of NaCl in tap water. The calibration is included 
in Appendix C. 
Conductivity Meter 
The feed water used was made from dissolving NaCl in tap water. The mass fraction was 
varied by changing quantity of salt. To detect any leakage from membrane immediately, food 
grade colour was mixed in a small amount to the feed. Normal tap water was used as the 
coolant. The thermo physical properties of saline water of different concentration has been 
taken from the work of Sharqawy et al.(2010) for different temperature and salinity. 
Feed water & coolant 
4.5. Experimental Procedure 
One of the many advantages any MD process has over other desalination processes is its 
simplicity in start up and maintenance procedure. Starting and running the experiments was 
hassle free and simple. The hot and cold side re-circulators were first filled up with feed and 
coolant respectively. While the fluids were being heated up or cooled down to their desired 
temperature, at the same time, they were being pumped into the feed and coolant chambers. The 
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flow rates of both feed and coolant liquid were controlled by globe valves. The fluids filled the 
cylinders in approximately five minutes. Within 30 minutes, the system reached a steady state 
condition with stable temperature and distillate production rate. The measuring beaker reading 
was taken and distillate was collected for each 30 minutes and the volume was read from the 
measuring beaker directly. The distillate flux was calculated from the product as: 
area membrane
mJ = kg/m2hr, where m=distillate collected in kg/hr 
4.6. Experimental variables 
Table 4.2 shows the experiment plan with different operating variables and their ranges. 
Table 4.2: Experimental variables 
Sl No Variable Parameter Range 
1 Feed temperature 40 to 60 oC @5oC 
2 Coolant temperature  10 to 25 oC@5oC  
3 Air gap 2.5,5,6,7.5 and 8.5 mm  
4 Concentration tap water to 45000 ppm @15000 ppm. 
5 Feed  and coolant flow rate 2 to 8 lpm@ 2 lpm 
6 Coolant plate material Stainless steel, aluminium 
7 Coolant plate geometry flat and channelled 
8 Membrane support 0.34 and 0.64 porosity, material stainless steel. 
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64 runs were conducted for the experiments with the single stage MD unit while a total 99 runs 
were conducted with the multistage MD unit to obtain the experimental flux with various 
combination of feed temperature, coolant temperature, air gap, feed concentration, flow rates, 
coolant plate material and geometry for the single and multistage MD unit. 
4.7. Uncertainties in Measurements 
The error in a measurement is usually defined as the difference between its true value and the 
measured value. The term "uncertainty" is used to refer to "a possible value that an error may 
have” [Moffat, 1988].  





















The terms DAB, and Pw, are dependant on temperature and Cv is dependant on both pressure 
and temperature. Hence, the experimental errors are caused by the measurement uncertainties 
in temperature and pressure. The instruments used in the experiments had the following 
uncertainties during measurement: 
Thermocouple: +0.5oC. 
Pressure gauge: +1% of gauge reading 
For the experimental measurement of the mass flux,  
time(s))area(m membrane




The distillate was collected in a graduated tube and the resolution was 1 ml. Hence, 
CHAPTER 4                                                                EXPERIMENTS 
113 
 
 The uncertainties for measuring the mass flux (experimentally)= +0.5ml  
This value was considered to be constant for all experimentally obtained value of the mass 
flux. 
The uncertainty analysis has been done on the basis of the method described by Moffat (1988) 
in Appendix E. 
Summary 
This chapter presents the experimental procedure involved in the study of an AGMD process. 
The test rig consisted of two temperature controlled re-circulator baths to supply the hot feed 
and the coolant with a hydrophobic PVDF membrane situated in between. The feed and 
coolant chambers and the flanges used were made of polycarbonate. The vapour generated 
condensed on the thin coolant plate attached to the coolant side and was collected on a 
graduated tube.  Sodium Chloride solutions of different concentration were supplied to observe 
the effect of salinity on the process. Temperatures at different critical locations were measured 
using T type thermocouples. Tests were carried out for variable operating conditions such as 
feed and coolant temperature and flow rate, air gap width, feed concentration, membrane 
support size and coolant plate material and geometry.  
 








This chapter deals with the experimental and simulation results from the prototype MD rig. 
Sections 5.1 and 5.2 describe experimental results with variable operating parameters on the 
single-stage and multi-stage MD set up. Section 5.3 provides information on product water 
quality, power consumption and membrane condition from the lab scale experiments. The 
simulation and validation of experimental results using the 1-D and 2-D model have been 
included in Section 5.4. Also, concentration and temperature profile inside the feed chamber 
have been investigated using the 2-D model in this section. Section 5.5 contains simulation 
results for application of MD in marine desalination. 
5.1. Experiments with single-stage MD set up 
Effect of several operating variables was investigated on the MD test rig. The different 
parameters include feed temperature, coolant temperature, air gap width, feed concentration, 
feed and coolant flow rate, coolant plate material and geometry and mesh size of the 
membrane support. The ranges of these variables have been tabulated in Table 4.2. 
For molecules of a liquid to evaporate, those must have sufficient kinetic energy to overcome 
liquid-phase intermolecular forces. Since the kinetic energy of a molecule is proportional to 
its temperature, evaporation proceeds more quickly at higher temperatures. Hence, obviously 
the effect of feed temperature is quite dominant on the distillate production. The feed 
temperature was varied from 45oC to 60oC and by increasing only 15oC the production 
increased by 192%. 
5.1.1. Effect of feed temperature 
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Figure 5.1: Effect of changing feed temperature(Tc= 10oC and an air gap 2.5 mm). 
 
The sharp rate of enhancement in production rate is observed for increasing the feed 
temperature in Figure 5.1. With increased feed temperature, the vapour partial pressure at 
membrane surface increased as described by Antoine’s correlation (3.10). Since the vapour 
partial pressure depends on temperature exponentially, hence, a small rise in temperature 
enhanced the production significantly. 
With lowered coolant temperature, the partial pressure difference increased as a result of 
increased temperature difference between the evaporating and condensing surface. Hence, 
decreasing the coolant temperature enhanced the distillate flux, but the effect was not as 
significant as that of feed temperature. For a decrease of 15oC coolant temperature from 25 to 
10oC, distillate flux increased by 75% as a result of increased partial pressure difference. 
Figure 5.2 shows the effect of coolant temperature on distillate production. The reason is 
5.1.2. Effect of coolant temperature 




explained in the next section where the combined effect of feed and coolant temperature has 
been investigated. 
 
Figure 5.2:Effect of changing coolant temperature (Air gap 2.5 mm, feed temperature 60oC) 
As shown in the previous figures, the effect of coolant temperature and feed temperature on 
production is not similar, although the same temperature difference was maintained in both 
cases. The combined effect of changing feed temperature and coolant temperature is shown in 
Figure 5.3 from the experimental results. It is evident from the figure that with increasing and 
decreasing the hot feed and coolant temperature, respectively, the water production rate 
varies in a different manner.  
5.1.3. Combined effect of feed and coolant temperature 





Fig 5.3:Surface plot of feed temperature and coolant temperature (air gap=2.5 mm) 
 
The reason is that the MD process is dominated by the difference in partial pressure, which 
can be expressed in terms of temperature by an exponential variation in Antoine’s equation 
(3.10). Hence, for the same temperature difference, the partial pressure difference may have 
different values depending on feed or coolant temperature. And hence, the production may 
vary depending on changing of feed or coolant temperature, as seen in Figure 5.4. 





Figure 5.4: Relation between partial pressure difference and temperature difference 
Figure 5.4 highlights the relation of partial pressure and temperature difference. It is seen that 
for the same temperature difference, the difference in partial pressure between two points 
may not be similar. And as a result, with the same temperature difference, the production rate 
may be different depending on the side (feed/coolant) the temperature change takes place. 
Air gap width is another dominating factor for production. The diffusion path length offers 
the highest mass transfer resistance in the diffusion process. Hence, with increased air gap 
width, the mass transfer resistance also increases and as a consequence, the temperature 
gradient between the evaporating and condensing surface decreases which affects the 
production adversely.  Experiments conducted with changing the air gap from 7.5 to 2.5 mm 
raised the flux by 158%. Figure 5.5 describes the flux enhancement for changing air gap. 
From the figure, it is seen that for air gap of 2.5 mm, the trend in change of flux with feed 
temperature was somewhat different compared to that of air gaps of 5 mm and 7.5 mm. It 
5.1.4. Effect of air gap 




may be predicted that for a thinner air gap, the mass transfer was dominated by diffusion 
while for wider gaps, convection started to take place and a linear trend of the distillate flux 
with increased temperature is observed. The trend is supported by Bouguecha et al. (2002). It 
was found from their numerical analysis of the transport process inside air gap that transitions 
from conduction/diffusion to convection for the heat and mass transfer start to take place for 
an air gap of 5 mm. In the subsequent section, where comparison between the model and 
experiments will be presented, it will be discussed in greater detail. 
 
 
Figure 5.5: Effect of changing air gap (coolant temperature=10oC) 
For any aqueous salt solution, with increased solute concentration, more energy is required to 
evaporate the water. In brine, NaCl forms hydrogen bonds with the water through the dipole 
ends of the water molecule and the salt. These bonds make it necessary to apply more kinetic 
5.1.5. Effect of feed concentration 




energy to create enough movement to break the bonds and the attraction between water 
molecules to change of state, in this case from liquid to vapour.  
There was a slight decrease in production with increasing feed concentration. Usually MD 
process is less sensitive to feed concentration as the driving force is the partial pressure 
difference and it is determined based on Raoult’s law of partial pressure which states that 
vapour pressure of a dilute solution of a non-volatile solute is equal to the vapour pressure of 
the pure solvent at that temperature multiplied by its mole fraction. With increase in 
concentration of salt up to certain range (as long as it meets the criteria of dilute solution), 
mole fraction of water reduced insignificantly and, therefore, the effect of concentration was 
not very dominant on water production.  Figures 5.6 and 5.7 show the effect of concentration 
on flux. However, Alklaibi (2004) showed based on the data of Fabuss (1966) that applying 
Raoult’s law of partial pressure to determine interface temperature-concentration relation 
actually overestimates the flux by 4% at CNaCl=0.01(10000 ppm) and 13% at 
CNaCl=0.05(50000 ppm). In Figure 5.7, it is seen that at a lower concentration range, the flux 
declination was insignificant but it started to get worse at a higher concentration beyond 
30000 ppm.   
 
Figure 5.6. Declining flux with increasing concentration (Th=60oC,Tc=15oC,air gap=5  mm) 





Figure 5.7. Distillate flux with increasing feed concentration and temperature  
The feed flow rate did not show any significant effect on distillate production. A little 
increase in production has been observed with increasing the feed flow rate by 4 times. The 
increased feed flow resulted in increased velocity, hence better mixing of the fluid. As a 
consequence, the effect of temperature polarization was minimized. Figure 5.8 shows the 
variation of distillate flux with feed flow rate. However, the flow rate was carefully 
controlled to keep the membrane safe from mechanical damage as very high flow rate would 
pressurize the membrane against the support and thus would cause distorted membrane pores. 
The increment in production is not very significant and this can be linked to the experimental 
results from Matheswaran et al.(2007). It is seen from their work that, increment beyond 0.15 
lpm of flow rate caused the flux to reach a somewhat asymptotic value. The work of Garcia-
Payo et al (2002) also supported the same trend. For the existing set up, the experimental 
range for feed flow rate, as seen in Figure 5.8 , was within the limit of 2 to 8 lpm. It may be  
5.1.6. Effect of flow rate 




concluded that, for these flow rates (which already exceed the previously stated values of 
flow rate), the asymptotic region has already been reached and, therefore, only a small 
increment in the distillate flux has been observed which may be contributed by some degree 
of better mixing of fluids. 
 
Figure 5.8 Variation in flux with increased feed flow(Th=50oC, Tc=20oC, air gap=7.5 mm) 
 
Figure 5.9. Variation in flux with increased coolant flow(Th=45oC, Tc=20oC, air gap=7.5 
mm) 




It was also investigated whether there was any effect of the coolant flow rate on the 
production as increasing coolant flowrate would increase heat transfer. The experimental 
results for increasing the coolant flowrate 4 times did not show any influence on the distillate 
production, as seen in Figure 5.9. As the module chamber was small in height, and the coolat 
entry and exit temperature did not have large difference, the effect of coolant flow rate was 
less likely to have a significant effect on production rate. A similar  trend is obtained  and 
explained by Banat (1994)  as coolant flowrate would have some influence on the production 
in larger modules. 
The theory of condensation on channeled/finned surfaces has been applied on the condensing 
section of the  MD chamber to examine its effect on production enhancement. So far, 
improvement of AGMD system has been tried by various methods like influencing the flow 
with spacers or improving the energy efficiency by using the heat of condensation for pre- 
heating the feed.  
5.1.7. Effect of coolant plate geometry   
In this study, an attempt was made to observe its effect on production by introducing finned 
surface for condensation with a specially designed coolant plate. It was an interesting 
observation that by introducing fins on the coolant plate, along with increased condensation 
heat transfer, it was also possible to control the evaporation process itself. For inserting the 
finned plate, the equivalent air gap width was required to be calculated based on number of 
fins, fin length and finned area. Distillate production from flat plate with similar air gap width 
was interpolated using the existing experimental value.  
 





Figure 5.10. Increased distillate production with finned plate (equivalent air gap =4.3 mm, 
Tc=10oC and 25oC) 
It is seen in Figure 5.10 that inserting the finned plate enhanced the production for same 
equivalent air gap width. The reason may be attributed to the increased partial pressure 
difference caused by increased condensation rate due to enhanced heat transfer and thus 
creating space for more vapour to travel through membrane and get condensed. In this 
manner, it was possible to manipulate the evaporation at membrane surface without changing 
the temperature difference across the membrane or the air gap width. A similar pattern of flux 
enhancement was also noticed for experiments with coolant temperature of 15oC and 20oC 
with increasing feed temperature as seen in Figure 5.11 below 





Figure 5.11. Increased distillate production with finned plate (equivalent air gap =4.3 mm, 
Tc=15oC and 20oC) 
 
Two different material metal plates were used to observe the effect of thermal conductivity 
on the production. One was  stainless steel and the other one was Aluminum with  higher 
conductivity. Both plates had the same thicknesses. As a result of enhanced heat transfer 
through the coolant plate, higher rate of distillate was produced for the Aluminum coolant 
plate. Figure 5.12 shows the trend. 
5.1.8. Effect of coolant plate material 
 





Figure 5.12. Distillate production increased by Aluminum coolant plate (air gap=6mm, 
Tc=25oC) 
Although Aluminum coolant plate was a good choice in terms of heat  transfer, its practical 
use was limited by the corrosion caused by water vapor condensing on it at an elevated 
temperature, Hence, before using Aluminum plate, some sort of surface protective coating 
should be applied on it. 
The resistance offered by the membrane support is a part of the overall mass transfer 
resistance and it may limit the ultimate distillate production due to its mesh size. A stainless 
steel mesh with a porosity of  0.64 was tested as the membrane support and distillate flux 
obtained was compared with the Millipore’s supplied membrane support which had a porosity of 
only 0.37. Although porosity does not have any direct control over the diffusion coefficient, Dab, 
but for effective diffusion coefficient, Deff, only porosity is the dominating factor as found in 
(3.15) due to negligible non-uniformity for the support screen compared to that of membrane 
5.1.9. Effect of support mesh size 




pores . Hence, the changing porosity of the support also controls the overall mass transfer 
resistance due to its change in the value of effective diffusion coefficient.  














Figure 5.13. Distillate Flux enhancement with bigger mesh size stainless steel membrane 
support ( Air gap =2.5 mm, Tc=10 to 25 oC) [4 feed temperature points(Th) corresponds to 
distillate flux for each of 4 coolant temperatures] 
 
From the above figure, it is seen that for each feed temperature value, for a corresponding 
coolant temperature within the range of 10oC to 25oC, the support with bigger resulted in 
higher distillate flux compared to that of the manufacturer’s support. 
Table 5.1 below shows the value of effective diffusion coefficient which caused the 







Coolant temperature 25oC to 10oC @5oC interval 




Table 5.1. Diffusion coefficients for two different supports 




  Deffective Deffective 
45 10 8.72E-06 1.65E-05 
45 15 8.76E-06 1.66E-05 
45 20 8.79E-06 1.67E-05 
45 25 8.79E-06 1.68E-05 
50 10 9.01E-06 1.73E-05 
50 15 8.97E-06 1.71E-05 
50 20 8.95E-06 1.70E-05 
50 25 8.92E-06 1.68E-05 
55 10 9.14E-06 1.71E-05 
55 15 9.18E-06 1.72E-05 
55 20 9.23E-06 1.73E-05 
55 25 9.26E-06 1.73E-05 
60 10 9.41E-06 1.77E-05 
60 15 9.30E-06 1.76E-05 
60 20 9.30E-06 1.75E-05 
60 25 9.25E-06 1.74E-05 
 
5.2. Experiments with multi-stage MD unit 
From the previous experiments on the single-stage MD unit, it was observed that there was 
not much difference between the entry and exit temperatures of the hot and coolant side 
respectively. Instead of letting the hot feed escape from the MD module with the remaining 
energy, it was designed to be circulated through multiple stages before the exit temperature 
lowers to a certain value. By using multi-stage, two purposes were served. Firstly, the 
possible available energy was extracted before the feed reaches the exit. Secondly, the 
membrane area was increased, thus total amount of flux was increased. The only extra energy 
needed was that by the circulation pumps which are not significant as MD process does not 
require high pressure.  
 




The feed temperature was varied from 40 to 60oC and between each stage the temperatures 
were measured. For implementing 3 stages, there was an average temperature drop of 2oC at 
the entry and exit of the integrated module.  A similar temperature difference across the 
membrane-air gap was observed in each module, as seen in Figure 5.14, although the 
difference was dominant at higher feed-coolant entry temperatures (Th=60oC,Tc=10oC). 
5.2.1. Effect of feed and coolant temperature  
 
Figure 5.14. Temperature difference across membrane for each stage( Air gap=2.5 mm) 
It was of importance to measure the temperature difference as it is seen in Figure 5.15 that the 
individual production from each stages did not follow the shown temperature difference 
pattern for distillate production. Distillate produced from the first stage had a higher volume 
than those from the other two stages, by about 1.5 times although the temperature difference 
across the membrane in each stage did not vary significantly with each other. 





Figure 5.15.Distillate production from individual stages( air gap=2.5 mm, Th=60oC) 
Further investigation revealed that the orientation of stacking of the modules was responsible 
for this enhanced production. The modules were vertically stacked and the static pressure 
exerted by the upper modules was influencing the production from the lower modules. As in 
Equation (3.13) , it is seen that the mass flux through the memebrane is dominated by 
Knudsen-Poiseuille diffusion mechanism in presence of pressure difference across 
membrane. This is proven by the pressure gage reading for the first stage which showed that 
the pressure is slightly above atmospheric ( 1.2 bars absolute). The distillate from this stage 
was carefully monitored and some dye was mixed with the feed to sense immediately the 
leakge through membrane due to extra pressure. Long time running did not show any visible 
trace of leakage through the membrane(i.e. colour change of the distillate). However, when 
the  conductivity of distillate from each stage was measured, some difference in the quality 
was detected. These results are included in section 5.3. 





Figure 5.16. Total distillate production from multi-stage MD with varying feed  temperature 
(air gap=6 mm) 
 
Figures 5.16 and 5.17 illustrate the trend and total production for increasing feed temperature 
and decreasing coolant temperature, respectively. As expected from the previous experiments 
on the single-stage, the production was dominated by feed temperature rather than coolant 
temperature. As seen in both figures, changing the feed temperature increased total distillate 
at a steeper rate compareed to changing the coolant temperature for which the flux production 
lines are more closely spaced, as seen in Figure 5.16. 





Figure 5.17. Total distillate production from multi-stage MD with varying coolant  
temperature ( air gap =8.5 mm) 
 
As expected, the air gap dominated the production significantly and followed the same 
pattern as found in the single-stage experiments. A highest rate of about 18 kg/m2hr of 
distillate flux was obtained for a feed temperature of 60oC, coolant temperature 10oC and air 
gap of 2.5 mm as seen in the graph in Figure 5.18. 
5.2.2. Effect of air gap 
 





Figure 5.18. Total distillate production from multi-stage MD with varying air gap (Tc=10oC) 
 
In Section 5.1.5,the effect of concentration has been investigated for a single-stage MD unit 
and it was seen that  production rate was not very sensitive to concentration. For the multi-
stage production, it was seen that the total production dropped from 7.5 kg/m2hr for tap water 
to 5 kg/m2hr for feed NaCl concentration of 45000 ppm, which gave approximately 33% 
reduction in production, as seen in Figure 5.19. It is the case where the claim by 
Alklaibi(2004) regarding boiling point elevation was effective. The reason may be that for a 
more concentrated  feed Raoult’s law was not valid because the solution could not be 
considered as dilute solution anymore. Hence, the effect of boiling point elevation would be 
dominant for higher concentration value in the subsequent stages. 
5.2.3.Effect of feed inlet concentration 
    





Figure 5.19. Distillate vs concentration (Th=55oC,Tc=20oC,air gap=6mm) 
 
Further investigation on the production rate from each stage separately added some more 
observations. It is seen in Figure 5.20 that the production from the second and third stages 
tend to decrease more quickly at an elevated feed concentration compared to the first stage.  
 





Figure 5.20. Distillate vs concentration for each stage (Th=55oC,Tc=20oC,air gap=6mm) 
 
The reason for such variation may be attributed to the fact that the feed was getting more 
concentrated as it reached subsequent stages and consequently the production dropped due to 
higher concentration brine.  
5.3 Power consumption, water quality and membrane condition 
The power consumption, water quality and membrane condition were studied to have a clear 
practical impression about the MD process.  
5.3.1. Power consumption 
Figure 5.21 shows the trend of  product water (kg) per kWh. Although the power requirement 
was highest for maintaining coolant temperature of 10oC, yet the highest water/power ratio 
obtained was for the coolant temperature of 10oC. A maximum of 0.37 kg of distillate was 
obtained per kWh energy input for the multi-stage MD unit while it is seen that for single-
stage, the highest ratio obtained was only 0.021 kg per kWh energy input. Although the 
multi-stage MD unit had three times higher membrane area than the single-stage. This 




variation indicates that multistaging is necessary for efficeint energy use in MD system. It 
was observed that the main energy was consumed for maintaining the temperature of the 
feed/coolant. Therefore, to make MD a feasible process, introducing a waste heat source is 
necessary, which has been taken into account in Section 5.5.  
 
Figure 5.21. Water and power ratio (for coolant temperature 10oC, air gap 2.5 mm) 
 
Considering membrane specific area, it was possible to obtain maximum 13 kg/m2 of 
distillate per kWh of energy input from the multi-stage rig. Kurokawa and Sawa (1996) have 
reported about producing 22 kg/m2 of distillate per kWh of energy input using latent heat 
recovery. 
5.3.2. Water quality 








Table 5.2.Water quality from three stages using stainless steel coolant plate 
(Feed inlet concentration 45,000 ppm) 
 
 1st Stage 2nd Stage 3rd Stage Tap water 
Conductivity (mS/cm) 0.45 0.21 0.20 0.275 
ppm 288 134 128 176 
 
It is seen from the results that the water produced was of good quality. However, static 
pressure on the first stage did have some adverse effect on the product water quality with the 
conductivity higher than those of the subsequent stages. 
When the Aluminium plate was used as coolant plate, the conductivity rose to 1.296 ms/cm 
(830 ppm) as a result of oxide formation on the coolant plate, hence, if Aluminium plate is 
intended for use, some protective coating must be applied.   
5.3.3.Membrane condition 
The Scanning Electron Microscope pictures show the condition of a fresh membrane in figure 
5.22 (a) and the used membrane in Figure 5.22 (b) after 4 weeks of operation. 
                                           





                      
 (a)    (b) 
Figure 5.22 (a) Fresh membrane (b) used membrane 
 
 




The membrane experienced mechanical degradation to some extent caused by the flow as 
seen in the diagram. The fresh membrane showed distinct boundaries while the used 
membrane had unclear and stretched boundaries. The distribution of the pores in the used 
membrane was more irregular than that in the fresh membrane. 
5.4. Simulation and validation  
This section presents validation of the experimental values using both the 2-D and 1-D model 
for the variable parameters considered in this study. Also, temperature and concentration 
distribution inside feed chamber were observed by solving energy and species transport 
equations (2-D model). Apart from these, performance of the AGMD process using different 
membrane parameters and coolant plate geometry was also predicted using the developed 
models. 
5.4.1. Theoretical calculations of temperature and comparison with experimental value 
It is stated earlier that the temperature used in the validation of experimental results were 
obtained directly by tapping thermocouples at different locations of the test rig. As the 
production varies exponentially with temperature (3.10), the input value of temperature 
significantly affects the predicted value. The 1-D heat transfer equations were solved using 
MATLAB by Newton-Raphson method for the heat transfer from membrane until coolant 
side and theoretical values of temperature at different points were obtained. 
Figures 5.23 and 5.24 show the temperature distribution obtained from simulation and 
experiments. The developed equations did not include actual heat loss in the system. 
Therefore, the experimentally measured temperature magnitudes would give better prediction 
of production. Although there is a small variation between the simulated and experimental 
values, the transport equations are quite sensitive to the temperature magnitude and putting in 
the simulated values of temperature in the equation actually will over-predict the production. 




Using the experimental temperature values actually will lower the chance of over prediction. 
However, the experimental uncertainties will be there that has been discussed in Chapter 4 
and Appendix E. 
 
Figure 5.23. Theorteical and experimental temperature distribution inside MD feed 









Figure 5.24.Theoretical and experimental membrane temperature  for all temperature range  
[4 feed temperature points(Th) correspond to membrane temperatures for each of 4 coolant 
temperatures] 
Coolant temperature 25oC to 10oC @5oC 
 




5.4.2.Validation of membrane and air gap transport using 1-D model 
Two models were developed in Chapter 3 to look into the transport process in MD. The 
simpler one involved the overall mass transfer from membrane to coolant plate and 1-
Dimensional diffusion was considered for that case. Figures 5.25 to 5.26 illustrate how these 
models were successfully implemented for air gaps up to 6 mm but failed to predict the 
production for a higher air gap width of 8.5 mm in Figure 5.27. 
 
 
Figure 5.25. Validation of production using 1-D model (Tc=10oC, air gap=2.5 mm) 
 
The 1-D equation was based on case of pure diffusion only, however, for a wider air gap, it is 
necessary to apply Reynold’s analogy as stated in (3.26).  Actually, wider air gap is not 
encouraged to be applied in AGMD process because of poor performance with very low 
production. 





Figure 5.26. Validation of production using 1-D model (Tc=10oC, air gap=6 mm) 
 
 
Figure 5.27. Deviation of production using 1-D model for a wider gap (Tc=10oC, air gap=8 
mm) 
 




5.4.3.Validation of membrane  transport using 2-D model 
As seen in previous section, the 1-D model was good enough to predict the production for a 
narrow air gap, but considering diffusion only through air gap made the model ineffective to 
predict mass flux for higher air gap. Hence, the 2-D model can be extended to obtain the flux 
through membrane. 
 
Figure 5.28 Validation of production using 2-D model (Tc=10oC, air gap=8 mm) 
Figure 5.28 shows the validation of the production for increased air gap where considering 
the 1-D model did not work anymore, but the 2-D prediction was well suited with the 
experimental value of distillate flux. However, for AGMD process, 8 mm width is considered 
to be an ineffective width to be applied practically, it is desired to maintain the gap as narrow 
as possible as long as the condensate does not come in contact with the membrane. 
5.4.4.Validation of enhanced mass flux by specially designed finned coolant plate 
A 1-D heat transfer model was developed based on fin heat transfer applied in case of 
condensation. Both flat and finned plates were considered for validation. Figures 5.29 and 




5.30 show the validation of experimental data and result from simulation for the flat and 
finned plate, respectively. 
 
Figure 5.29 .Validation of production using 1-D heat transfer model for condensation on flat 
plate (Tc=10oC, air gap=6 mm) 
 
Figure 5.30. Validation of production using 1-D heat transfer model for condensation on 
finned plate (Tc=10oC, equivalent air gap=4.3 mm) 




5.4.5.Validation of decreasing production using Raoult’s Law of partial pressure and BPE 
As discussed previously in Section 5.2.3, the effect of concentration becomes more severe at 
a higher concentration for MD process. To validate the experimental results, both Raoult’s 
law of partial pressure and Fabuss’ (1966) experimental work were used in the 1-D model. It 
is found that for the expression of partial pressure, if Raoult’s law of partial pressure is used 
for higher concentration, it fails to predict the values for concentration range beyond 30000 
ppm. So the 1-D model was corrected based on available data from Fabuss and the validation 
for the entire concentration range was in the satisfactory range (4% deviation from the 
experimental flux of 2.48 kg/m2hr for 45000 ppm), while using Raoult’s law gave a 
difference of 8% with experimentally obtained flux at same feed concentration.  
 
Figure 5.31.Validation of production with increased feed concentration considering Raoult’s 
law of partial pressure and BPE data from Fabuss 
 
5.4.6.Heat and mass transfer inside feed chamber (2-D model) 
One of the main purposes to develop the 2-D model was to investigate the heat and mass 
transfer process inside the feed chamber, especially near the membrane liquid interface 
∆ε2=4% 




region. Solving the energy and mass transfer equation with proper boundary conditions gave 
an insight of the temperature and concentration polarization near the interface. The feed 
entered the module at a certain temperature and it tends to drop near the membrane as a result 
of evaporation from feed-membrane interface.  
a. Temperature distribution inside feed chamber 












Figure 5.32. Temperature distribution inside MD feed chamber ( Th=60oC, Tc=20oC, air 
gap=6mm) 
 
It is seen that the hot feed experienced a sudden temperature drop at the membrane surface  
(near 20th grid in Figure 5.23) and kept on decreasing from the membrane entry to exit. The 
energy for evaporation was coming from the hot solution and when the mass flux 
•
m  reaches 
the membrane-feed interface, it evaporates with the latent heat hfg, which is drawn from the 
membrane entry 
membrane exit 




hot feed. Since the value of 
•
m  again depends on the concentration difference across the fluid 
layer, with increasing concentration at the interface, the value of 
•
m  drops as more energy is 
needed to evaporate the water from a solution that is getting gradually concentrated and as a 
consequence, the interface temperature drops. The interface temperature starts dropping from 
the membrane entrance and in the region near the 20th grid the temperature drops suddenly at 
a steeper rate and continues dropping steadily for the rest of the membrane length. It is most 
likely caused by a small stagnant zone in the flow near membrane, as observed in Chapter 3 
(Figure 3.5).  
The same pattern is also observed for feed with higher temperature, as seen in Figure 5.33. 
For this case, the supply temperature was set to 70oC, after heat loss the feed chamber entry 











Figure 5.33. Temperature distribution inside MD feed chamber ( Th=70oC, Tc=20oC, air 
gap=6mm) 
 




b. Concentration distribution inside feed chamber 
The concentration polarization was seen in the feed chamber as well. It can be seen in Figure 
5.34 that the concentration of NaCl started to change mainly near the membrane and along 











Figure 5.34. Concentration distribution inside MD feed chamber ( Th=60oC, Tc=20oC, 
CNaCl=0.03,air gap=6mm, flow rate=4 lpm) 
About the midway, there was a sudden rise in concentration similar to the case of lowered 
temperature in the same small stagnant zone as previously seen in Figures 5.32 and 5.33. The 
concentration of NaCl increased at the membrane exit from initial mass fraction value of  
0.03 to 0.044. 
With increased feed temperature, keeping other parameters constant, it is observed that the 
evaporation rate increased which it is reflected on the concentration profile as seen in Figure 
5.35 below which shows that the feed concentration at the membrane exit reached about 
0.056 mass fraction of NaCl from an inlet concentration of 0.03 mass fraction for a feed 
temperature of 70oC.  
membrane exit 
membrane entry 














Figure 5.35. Concentration distribution inside MD feed chamber ( Th=70oC, Tc=20oC, 
CNaCl=0.03,air gap=6mm, flow rate=4 lpm) 
c. Evaporation rate and pattern along the membrane length  
To examine the evaporated mass flux pattern from the membrane liquid interface, mass 
evaporating from each grid has been taken into account, as seen in Figure 5.36, which 
presents the variation of mass flux along the membrane length. 





Figure 5.36. Variation of mass flux along membrane length ( Th=60oC, Tc=10oC, air gap=2.5 
mm, CNaCl=0.03) 
For a specific feed temperature of 60oC, the evaporation rate dropped as with increased 
concentration and decreased temperature at the interface. At the membrane length of 0.04 m, 
there is a sudden drop in the evaporated mass, which has been explained before for the 
temperature and concentration profile. 
Further investigations were carried out to observe the effect of changing feed temperature 
from 70oC to 40oC on the evaporation rate as shown in Figure 5.37.  
It is seen from the figure that the evaporation rate was higher with increased feed temperature 
as usual, and for a lower feed temeparture, the variation in mass flux along the membrane 
length did not seem to be significant in the same scale of the mass flux axis as the production 
was very low at 40oC.  
 





Figure 5.37. Mass flux variation with feed temperature ( Tc=10oC,  
air gap =6 mm, CNaCl=0.03) 
d. Evaporation rate and pattern with changing feed inlet concentration  
 
Figure 5.38. Mass flux with feed inlet concentration ( Th=60oC, Tc=10oC, air gap =6 mm) 
 




The effect of increased concentration is seen in Figure 5.38. The feed concnetration was 
varied from 20,000 ppm to 50,000 ppm concentration of NaCl and as expected for the case of 
MD the mass flux dropped slightly with increased concentration. At the  last grid ( toward the 
exit) there  was only 3% drop in flux between the 20000 ppm and 50000 ppm feed 
concentration. Each line shows the same pattern of decreased evaporation rate toward the exit 
of the membrane. It indicates the salt solution was getting denser with advancement of the 
flow along the membrane (i.e., from entry side to exit side- as seen in Figure 5.36 also) and 
with this increased concentration with the same supplied energy, evaporation rate was 
dropping.  
e.Effect of membrane diameter on evaporation rate 
The membrane diameter was changed from 0.05 m to 0.1 m and it is seen from Figure 5.39 
(a) and (b)  that the evaporation rate becomes higher for a small sized membrane. The 
concentration changed sharply at the interface for the smaller membrane as a result of higher 
evaporation rate, while with the longer membrane, the concentration change was not as high 










(a) 0.05m diameter 












(b) 0.1 m diameter 
Figure 5.39. Concentration profile with different membrane diameter (a) membrane 
diameter=0.05m (b) membrane diameter=0.01 m 
The trend has been supported by Figure 5.40 which presents the mass flux for both diameters. 
It is seen that for the smaller diameter of 0.05 m, higher evaporation rate is obtained.  
 
 
Figure 5.40. Evaporated mass flux with different membrane diameter ( Th=65oC,Tc=20oC, air 
gap=2.5mm) 




For increased membrane diameter, the polarization of temperature and concentration affects 
the production adversely without provision of proper mixing devices such as stirrers. Hence, 
it is necessary to keep the magnitude of membrane diameter to certain limit instead of making 
very big feed chambers. 
5.4.7. Simulated results based on 2-D model to predict the production based on membrane 
parameters 
Along with the prediction of heat and mass transfer process, the 2-D model was also used to 
predict the influence of different membrane parameters on production. Since different types 
of hydrophobic membrane were not available from the supplier Millipore, there was very 
limited scope to experimentally observe the effects of parameters like membrane porosity, 
membrane thickness or membrane thermal conductivity. 
a. Effect of membrane thickness 
Increasing the membrane thickness showed adverse effect on the production due to the 
contribution in increasing mass transfer resistance by longer diffusion path length as seen in 
Figure 5.41.  
 
Figure 5.41. Effect of membrane thickness on production ( Th=60oC, Tc=10oC, air 
gap=2.5mm, membrane porosity 0.75) 




Although an increased membrane temperature was observed due to better insulation, its 
degree of improvement could not supersede the effect of diffusion path length, which seemed 
to have a strong influence on distillate production. Similar results have been reported by Al-
Obaidani et al. (2008). Experimental investigation was conducted in their study by increasing 
the membrane thickness from 0.25 to 1.55 mm and a flux declination of 70% was observed. 
For the 2-D simulation results, similar declination is observed as seen in Figure 5.41. 
b. Effect of membrane porosity  
Membrane porosity was changed in the range from 0.1 to 0.9, without considering its effect 
on hydrophobic properties, and it shows that more porous membrane was producing more 
water as it influenced the diffusion coefficient directly. 
 
Figure 5.42. Effect of membrane porosity on production ( Th=60oC, Tc=10oC, air gap=2.5 
mm, membrane thickness 125x10-6 m) 
Besides, increasing membrane porosity also influenced the effective thermal conductivity of 
membrane, with increased porous zone; the conductivity of the vapour controlled the overall 
conductivity. Since vapour thermal conductivity is less than the membrane thermal 




conductivity in magnitude, with increased porosity, the membrane was becoming more 
insulated and hence it added an extra advantage of reducing heat loss from membrane-liquid 
interface.  
c. Effect of membrane thermal conductivity 
As discussed in previous section, thermal conductivity plays a role in production by 
manipulating heat loss through membrane. It is also seen in Figure 5.43 that with increased 
membrane thermal conductivity, for a certain membrane thickness, the production 
deteriorated as a result of more heat loss through membrane, thus losing the potential for 
evaporation. 
 
Figure 5.43. Effect of membrane thermal conductivity on production ( Th=60oC, Tc=10oC, air 
gap=2.5mm,membrane porosity =0.75,membrane thickness =125x10-06) 
 
5.4.8. Mass transfer resistances and global mass transfer coefficient 
Analysis of the mass transfer resistance is important as it controls the overall mass transfer. 
For example, when a different mesh size membrane support was inserted it was found that the 




total production rate changed, as seen in Figure 5.13. Therefore, the mass transfer process has 
been expressed as a process analogous to heat transfer, taking the partial pressure difference 
as the driving potential. It is seen in Figure 5.44 that although membrane and support offer 
similar magnitude of resistances, the highest resistance is offered by the air gap because of 
longer diffusion path.  
 
Figure 5.44.The mass transfer resistances and global mass transfer coefficient(GMC) 
The global mass transfer coefficient (GMC) thus reflect the advantage of having a narrower 
gap by showing the trend of a 3 times higher value for air gap of 2.5 mm, compared to that of 
8.5 mm. 
5.4.9.Prediction on using different designed finned coolant plate 
Since the 1-D heat transfer for the finned plate matched well with the experimental values of 








a.Heat transfer and distillate production  
Figure 5.45 shows the three different geometries considered. Similar dimension square, 
circular and triangular “pin” fins were considered. For the experiments long channel shaped 
fins were used only.  
   
Figure 5.45. Fins with different shapes (not to the exact scale or number) 
 
Table 5.3 gives a comparison of heat transferred between the three different geometries from 
simulation results below: 
 
Table 5.3.Heat transfer from coolant plates with different shaped fins (Tc=10oC) 
 
circle rectangle triangle 
→ Finned 
area(m2) 0.018294 0.018969 0.018184 
↓ Th(oC) ↓ Heat transfer(watts) 
 
40 12 12.4 11.1 
45 22.4 23.2 22.2 
50 33.6 34.8 33.3 
55 46.4 48 45.9 
60 62.5 64.5 61.6 
65 84.84 87.5 83.5 
70 119.1 122.5 116.9 
75 173.8 178.3 169.9 
80 261.1   266.7 254.1 
 




To compare the different geometries on same dimensional scale, the magnitude of side of the 
square, diameter of the circle and arm of the triangle were maintained to be same. It is seen 
that rectangular fins transfer slightly higher amount of energy compared to the two other 
geometries caused by its increased surface area. The effect is reflected when the production 
was also compared between these geometries as described in Table 5.4 which shows 
rectangular fins to produce a bit higher distillate than others. 




circle rectangle triangle 
40 0.97 1.01 0.96 
45 1.85 1.92 1.83 
50 2.84 2.93 2.8 
55 3.98 4.11 3.92 
60 5.42 5.59 5.32 
65 7.40 7.65 7.28 
70 10.46 10.78 10.26 
75 15.34 15.75 14.99 
80 23.13 23.63 22.49 
 
However, for rectangular geometry, there is a possibility of the condensate to be trapped on 
the upper surface.Therfore, for practical applications, it is preferred to have circular or 
triangular fins. 
b. Changing the fin parameters 
From simulation, it was also investigated how changing the fin dimension and numbers for a 
specific geometry  affects the production. Figure 5.46 shows the effcet of changing fin 
numbers. With changing the fin numbers, the effective surface area also increased although 
the manufacturing cost would become higher if too many fins were to be cut on a plate.  





Figure 5.46. Effect on production with increased number of fins on coolant plate ( Th=60oC, 
Tc=10oC, circular “pin” fins with length=5 mm, dia=5mm, actual air gap maintained =6mm) 
 
Changing the diameter and length of the fin had a dominant effect on  the effective air gap 
width  and, hence, for increased fin length/diameter, a higher production is observed, as seen 
in Figure 5.47. 
 
Figure 5.47. Production with varying fin length/diameter (Th=60oC, Tc=10oC, circular “pin” 
fins) 




5.4.10. Comparison of the developed models with the existing models 
As discussed in the earlier sections, two models were developed to analyse the transport 
processes in AGMD. The first one is a  1-D  transport model which include the vapor 
transport through membrane pores, membrane support, air gap and finally condensation of 
vapor on a flat/finned plate. The other model was used to solve the energy and species 
transport equation in a 2-D domain inside the feed chamber thus showing the concentration 
and temperature distribution during evaporation of feed. These models were also used to 
validate the experimental results and then applied to simulate the performance of the AGMD 
process with variable parameters which are out of scope experimentally. 
a. The 1-D transport model 
The simple yet versatile 1-D model can be used to deal with the transport of evaporated 
vapour through membrane, membrane support, air gap and final condensation on the coolant 
plate. The permeate flux is expressed in terms of the bulk temperatures of the hot and the cold 
fluids. 
This model mainly focused on the vapour permeation processes [Schofield et al. (1990)] and 
for the description of heat transfer in the module, the concept of resistances in series is often 
employed, while temperature polarization effects are described in terms of heat transfer 
coefficients [Guijt et al. (1999)]. In the present study, the mass transfer resistance was 
considered for each segment separately, i.e., the resistance offered by the membrane, the 
membrane support and the air gap. Most of the previous models include mass transfer 
resistances through membrane and air gap; but, so far, no analysis of the support resistance 
has been reported. Mourgues et al. (2010) consider the support to be filled of liquid water for 
a DCMD process. But experimental investigation on the lab-scale AGMD rig revealed that 
changing the support porosity directly affects the production. In addition, this model provides  




a heat transfer analysis of the condensation process on a channelled plate, which relates the 
enhancement of production with increased condensation heat transfer by using 
finned/channelled plates. With the help of this model, it was also possible to predict the 
enhanced production using finned plates with different geometries.  
 
b.The 2-D model 
 
Compared to the number of  developed 1-D models , 2-D models are quite minute. Three past 
studies are reported by Alklaibi and Lior in 2005, Chernyshov et al. in 2003 and Boguecha et 
al. in 2002. In the current study the 2-D model was used to study the concentration and 
temperature proflies inside the feed chamber and later was used to predict on the performance 
with changing membrane parameters. Boguecha et al. (2002) developed a two-dimensional 
model of laminar natural convection and solved for the region inside the air gap, but not in 
the hot feed and coolant channels. It was a pure numerical study and no experiments were 
associated. Chernyshov et al. (2003) presented a 2-D numerical study and solved the energy 
and species transport equations. The model was not validated using any experimental data 
and consists of some significantly simplified conditions such as parabolic flow profile (which 
is not an ideal case for available MD chambers) and no influence of salt concentration on heat 
transport. Alklaibi and Lior (2005) provided somewhat detailed numerical study of the heat 
and mass transfer process in 2-D domain. However, no experimental rig was considered for 
their work; rather a standard fully developed parabolic velocity profile was considered to 
solve the energy and species transport equation.   
In the present study, the 2-D model considered the actual velocity distribution inside the feed 
chamber using FLUENT and it was found that the degree of polarization ( for temperature 
and concentration) were influenced by the the fluid distribution inside the feed channel.  




The numerical results were compared with the experimental results and good agreement was           
found. Besides, effect of some membrane parameters including membrane thickness, 
membrane porosity and membrane thermal conductivity was predicted using the 2-D model 
and experimental results available from Al-Obaidini (2010) for increasing membrane 
thickness fits the simulation results satisfactorily.  
5.5. Practical application of AGMD in marine desalination 
In this section, the feasibility of AGMD process has been investigated to predict its 
performance as a desalination process using waste heat from the engine cooling seawater 
available in marine vessels. 
A multi-stage AGMD system has been proposed for desalination in ships. The feed for MD 
will be supplied from the heat exchanger that utilizes sea surface water for marine engine 
cooling purpose. After heat dissipation by the engine, this hot water can be a good source of 
feed water for MD instead of routing it back to the sea, as practiced generally. If the sea 
surface water is used as coolant, then only the power consumed by the pumps will be the 
main energy required in the process.  
For the simulation, all these factors were considered and the heat exchanger data was 
available from Thermex marine heat exchanger series.  
The pump power consumption varied based on the feed side and coolant side. The system 
was equipped with multiple coolant entries in one unit containing N number of modules 
which are needed to lower the hot feed from the initial feed temperature to Tsea_exit. The 
temperature variations are presented in Figure 5.48. It is seen in figure that as the hot side 
feed approaches the set exit temperature, the production in the subsequent stages also 
decreases, but there is a slight boost by providing coolant water supply renewal after each 3 
stages. The coolant, which should be supplied from the sea, has been supplied after each three 




stages to ensure that the temperature difference between the feed and coolant does not go too 
low. 
 
Figure 5.48. Temperature and product variation with number of stages 
Effect of changing different parameters including target production, sea water salinity, feed 
supply temperature, coolant temperature and air gap has been investigated using this 
simulation program. The following sections provide the results. 
5.5.1. Performance of the proposed multi-stage MD unit with increased water demand 
The target production from the MD unit was varied according to the freshwater demand for 
small to medium sized ships (ranges from 1 to 10m3/day). It was obvious that with increased 
demand, the number of stages would increase and so would the power consumption by the 
pumps. Figure 5.49 presents the water/power ratio with increased water demand. It is seen 
from the figure that with increased water demand (target production),the requirement for total 
number of modules were increasing and to supply the feed and coolant to all these modules, 
the increased power consumption is tabulated in Table 5.5 along with total membrane area 
and water flux/kWh. 





Figure 5.49. Predicted water production, number of modules and power consumption for 
application of AGMD in a ship ( Th=70oC, Tc=25oC, air gap=2mm, membrane area in each 
module=0.25m2) 
Table 5.5.Total pump power consumption with increased water demand and water/power 














kg/m2/kWh m2 kW 
1 291.8271 13 12.0873 
2 115.2897 29.25 24.12568 
3 82.8858 42.25 35.6946 
4 57.6449 58.5 49.4234 
5 48.2359 71.5 60.4063 
6 41.4429 84.5 71.3893 
7 34.0111 100.75 85.118 
8 30.493 113.75 96.101 




9 27.6286 126.75 107.0839 
10 24.1179 143 120.8 
11 22.2923 156 131.8 
12 19.9469 172.25 145.55 
13 18.6827 185.25 156.67 
14 17.5677 198.25 167.87 
15 16.0786 214.5 181.22 
 
For a requirement of 1 m3/day production using hot feed from a Thermex-2500 series heat 
exchanger with 4 lpm flow rate, total 52 modules (distributed among 2 units, 26 modules in 
each unit) were needed and it gave a water/power ratio of about 3.79 m3/kWh. In terms of 
water flux (which included the membrane specific area), 291 kg/m2 of water was produced 
per kWh of energy input. However, with increased water demand, as the number of modules 
increased, the water supply system required more power and for water demand as high as 15 
m3/day, the module required were 858 with a total membrane area of 214 m2 and the water 
flux for each kWh energy came down to 16, which is near to the value obtained in lab scale 
experiment (Section 5.3). Hence the multi-staging is feasible for a moderate range of 
production rate; with high production rate, the pumping power (to distribute the flow in many 
inlets) and the number of modules become considerably high. Thus, using waste heat remains 
no longer beneficial. 
5.5.2. Increased membrane area and its effect on performance  
In the simulation, the membrane area was increased to observe the effect on overall 
performance. As seen in Figure 5.50 with increased membrane area, the water/power ratio 
increased as a result of decreased pump power consumption and number of stages.   





Figure 5.50. Predicted water production, number of modules for increasing membrane area 
(Target production 1 m3/day, Th=65oC, Tc=25oC,air gap=2mm) 
 
From the simulation results it seems that the bigger the membrane area, the better is the 
water/power ratio. But in the practical case, a big membrane area actually would promote 
polarization of temperature and concentration as seen in previous Section 5.4.6. Increased 
membrane area promotes temperature and concentration polarization and in practical 
application it would actually decrease production if some flow modification device to provide 
better mixing is not associated.  Therefore, although increased membrane area would increase 
the water/power ratio according to simulation, some practical work must be done to observe 
the effect of membrane area before implementation. 
Table 5.6 shows the power consumption pattern with increased membrane area. As the 
number of modules decreased, the power consumption also decreased. 
 
 




Table 5.6. Power demand  and water/power with increased membrane area 
Membrane 









m2 m2 kW kg/m2kWh kWh/m3 
0.1 12.4 23.3 143.9754 0.56 
0.15 12.6 16.5 200.7277 0.39 
0.2 12.8 13 249.589 0.31 
0.25 13 11 291.8271 0.26 
0.3 13.2 9.6 328.4634 0.23 
0.35 14 8.9 333.5167 0.21 
0.4 14.4 8.2 351.2734 0.19 
 
5.5.3.Production with changing seawater salinity 
As the AGMD system has been proposed for water supply on  board ships, it is necessary to 
observe the effect of salinity as the ship would roam around different places with variable 
salinity. The distribution of ocean surface salinity has been taken from the work of  Levitus 
(1995) as seen in Figure 5.51. 





Figure 5.51. Geographical distribution of sea surface salinity 
It is seen from Figure 5.51 that the sea surface salinity range varies between 4% to 2.5% 
range (25000 ppm to 40000 ppm). The effect of salinity on the multi-stage MD unit is shown 
in Figure 5.52, where total distillate production from all the stages were summed up and a 9% 
drop in production was observed for changing the salinity from 15000 ppm to 55000 ppm 
 
Figure 5.52. Production rate with increased salinity 




5.5.4.Feed temperature range and its effect on performance 
The feed temperature was changed between the value of 50 to 80oC to observe its effect. 
Some interesting facts observed from this simulation was, although increased feed 
temperature is a positive factor for higher production, but when it comes to the limit of 
certain exit temperature, increasing the feed temperature beyond 65oC actually would cause 
an adverse effect on the overall performance.For a higher value of Th, to lower it to a 
standard exit temperature of 40oC or below, more stages in the multi-stage MD unit were 
required and thus the pumps were consuming more energy which caused the water/power 
ratio to drop eventually as seen in Figure 5.53.  
 
Figure 5.53. Performance of the system with increased Th 
(Tc=25oC, target production 2 m3/day) 
It is seen in the figure that the number of stages for a specific production target of 2m3/day , 
the minimum number of module required was at a Th value within 60 to 70oC, raising the 
value beyond this was not suitable as it would require more modules to reach Texit. 




Table 5.7 gives a summary of the total power consumption,total membrane area and water 
flux/power ratio which shows that the total power consumption came down to an optimum 
value at feed temperature of 65oC,and then started to go up with further increase in 
temperature to meet the necessity of increased coolant entry  
 









(oC) (m2) (kW) (kg/m2kWh) 
50 26 14.4152 65.304 
55 20 10.2965 116.7308 
60 18 8.7521 149.8766 
65 13 6.178 291.8271 
70 16 6.8644 199.6712 
75 19.5 10.6398 143.1183 
80 81 28.8303 8.9212 
 
5.5.5.Coolant temperature range and its effect on performance 
As the coolant was directly supplied from sea, it is necessary to have a knowledge of the sea 
surface temperature variation across different locations. The following data has been taken 
from the work of Reynold and Smith (1994) to provide an idea on the variation of sea surface 
temperature on the month of July. 
 





Figure 5.54. Geographical distribution of sea surface temperature 
The coolant temperature is available in the range of 2oC to 32oC across the world as seen in 
Figure 5.54. based on this data, the simulation used the value of Tc from 5oC to 30oC, and it is 
seen that the lower the value of Tc, the better is the performance in terms of power 
consumption and size of the set up as coolant temperature would influence the production in 
two ways: by enhancing the production and by assisting hot feed to reach Texit value with 
lesser number of stages required. 





Figure 5.55. Influence of Tc on performance of multi-stage MD ( Th=65oC, Air gap=2.5 mm, 
target production 0.5m3/day) 
Figure 5.55 shows the influence of Tc on overall performance of the multi-stage MD unit. It 
may be concluded that although the coolant temperature is a “third best” manipulator for a 
single-stage MD compared to the feed temperature and air gap, when it comes to the issue of 
controling  the exit temperature of the feed chamber to certain limit, the value of Tc  plays a 
vital role on the overall performance of the multi-stage MD unit. 
Table 5.8 shows how the total power consumption varied with increased coolant temperature. 
More power was required by the pumps with increased Tc as there were need of more stages 




















oC kW m2 kg/m2kWh 
10 5.1483 4 948.4381475 
15 5.4915 6 674.4449 
20 5.4915 6.5 583.6542 
25 6.178 6.5 583.6542 
30 7.8941 7.5 449.6299 
 
5.5.6.Effect of air gap width  
Air gap is a dominant factor for production , its effect on the multi-stage MD unit has been 
investigated using the simulation. As seen in Figure 5.56 below, as expected, decreasing air 
gap improved the performance of the rig. With an air gap width of 1 mm, the water/ power 
value reached the highest value of 5.5 m3/kWh.  
 
Figure 5.56. Performance of the multi-stage unit with increased air gap ( Th=65oC, 
Tc=25oC,target production=0.5m3/day) 




Providing smaller air gap is therefore preferable to get higher water/power ratio as it does not 
add any additional cost, but promotes significant improvement of the performance. Table 5.9 
gives a summary of total power, total membrane area, water flux/power and energy 
consumed to produce 1 m3 of water. 











mm kW m2 kg/m2kWh kWh/m3 
1 3.7 4 1379.5 0.18 
1.5 5.1 6 674.4 0.25 
2 6.1 7.5 449.6 0.29 
2.5 7.2 9 321.1 0.34 
3 8.2 10.5 240.8 0.39 
3.5 9.6 12.5 173.4 0.46 
4 10.6 14 139.8 0.51 
4.5 11.6 15.5 115.1 0.56 
5 12.7 17 96.5 0.60 
 
The energy requirement per m3 of produced water from the simulation was 0.18 kWh/m3, 
which is much lower than that of commercially available desalination processes (see Table 
2.1, chapter 2) where it is summarized the energy consumption of these processes per m3 of 
water production.[MSF=4 kWh/m3, MED =1.8 kWh/m3 and RO =5 kWh/m3] 
Summary 
This chapter presents the overall performance of AGMD desalination system by summarizing 
all the results. Experiments on an air gap membrane distillation unit with single and multi-
stage were carried out and the results were validated using a 1-dimensional model for overall 




mass and heat transfer while a 2-dimensional model to solve the energy and species transport 
equation inside the feed chamber. The temperature and concentration distribution inside the 
feed chamber were investigated using the 2-D model. In the 1-D model, transport through 
membrane, membrane support, air gap and condensation were analysed. It was found from 
experiments that changing the membrane support porosity influences the production 
significantly. The support supplied by the manufacturer (Millipore Singapore) seemed to be 
inefficient and replacing the support by another one with a higher porosity enhanced the 
production according to the porosity by affecting diffusion coefficient. Based on the 1 
dimensional mass transport process, all the mass transfer resistances were combined together 
to produce the expression for global mass transfer coefficient (GMC). It was observed that 
the air gap is the dominant resistance to mass transfer; hence, air gap should be kept as low as 
possible. 
A specially designed coolant plate was used to manipulate the mass transfer by enhancing the 
heat transfer during condensation. The plate had 11 grooves machined on it to provide 
uninterrupted condensate flow through the grooves. For the same equivalent air gap, the 
production enhanced maximum up to 50% compared to a flat coolant plate for a coolant 
temperature of 25oC. A one-dimensional heat transfer analysis was done using the 
condensation heat transfer equations from Holman (2002) combining with fin heat transfer 
equations with considering convection from the fin tip. The results from this model well 
matched the experimental data and based on this model, simulation for different geometries 
was performed. 
The experimental work on a multi-stage MD unit gave the insight in designing a bigger MD 
module to utilize waste heat from marine engine cooling system, thus providing fresh water 
for on-board ships. It was found that with a membrane area of 0.25 m2 and target production  




as high as 15 m3/day; using MD with waste heat is not feasible due to increased pumping 
energy. Lower values of coolant temperature and air gap improves the performance 
significantly while the feed temperature should be kept within a certain range below 70oC to 
have better performance of the multi-stage MD unit. Decreasing the air gap provided the 
highest water/power ratio. For an air gap of 1mm, it was possible to obtain 1m3 of water at an 
energy input as low as 0.18 kWh. Therefore, multi-stage AGMD can be a viable energy 
efficient water source on board ships using waste heat from the engine cooling water. 




The conclusions for the study on desalination using an air gap membrane distillation are 
summarized below 
1. Based on the publications in different journals on MD processes, the areas were identified 
where improvements are necessary to make AGMD a feasible process for desalination. It was 
observed that for an AGMD process, the coolant plate geometry and material have not been 
able to draw much attention; in addition to that, most of the analyses did not include mass 
transfer through membrane support and the effect of its porosity on the total production.  
2. Two models were developed to analyse the heat and mass transfer in AGMD process 
considering no heat loss to the surrounding. The 1-dimensional model was the simpler but 
effective to predict the overall heat and mass transfer process from evaporation on membrane 
surface and then transport through membrane, membrane support, air gap and finally 
condensation on the coolant plate. The expressions for mass transfer resistances at all these 
locations were developed and it was seen that the membrane and membrane support offers 
resistance of similar magnitude. The overall mass transfer was predicted using a Global Mass 
Transfer Coefficient (GMC). However, since only pure diffusion was considered through air 
gap, the model seemed to be insufficient to predict the transport phenomena for a larger air 
gap, although larger air gaps are not supposed to be applied in AGMD process. 
The second model was required to study detailed process of heat and mass transfer process on 
the membrane-liquid interface during evaporation. The 2-D energy and species transport 
equations inside the feed chamber were solved using finite difference technique. The 
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evaporating surface. The 2-D model was effective in prediction of the production irrespective 
of the air gap length as it involved the membrane, its porosity, conductivity and 
experimentally measured temperature after the membrane. After validating the experimental 
results, using the 2-D model, effect of some common membrane parameters including 
membrane porosity, thermal conductivity and thickness were analysed. 
3. Two experimental set up were built during the course of study. The first one was a simple 
single-stage AGMD module for better understanding of the process with variable operating 
parameters including feed and coolant temperature, air gap width, feed concentration, 
membrane support porosity, and different coolant plate geometry and material.  The other one 
was a multi-stage AGMD unit with three modules vertically stacked. The static pressure on 
the first stage exerted by the upper modules increased the production, but the quality of 
distillate was inferior compared to the other two modules. The temperatures at different 
crucial locations were measured experimentally to avoid the “no heat loss” assumption in the 
model. The experimentally obtained temperatures were verified by solving the 1-dimensional 
heat transfer equations by Newton-Raphson method to observe the difference between “no 
heat loss” assumption and the actual situation. Measuring temperature experimentally thus 
reduced the possibility of “over predicting” the value of distillate flux as the value is sensitive 
to temperature since the partial pressure is calculated using the temperature magnitudes at 
different locations. 
4. Some new method for improving production from AGMD was proposed by implementing 
a specially designed coolant plate. The coolant plate provided “fin-effect” by its geometry 
and thus it enhanced the condensation heat transfer. The increased condensation heat transfer 
again manipulated the feed at liquid membrane interface to increase by allowing more space 
for the vapour to flow in. The experimental results showed a maximum of 50% increment in 
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distillate production compared to a flat plate with an equivalent air gap length. The 
experimental results were validated using the 1-dimensional model for condensation heat 
transfer combined with fin heat transfer. The model predicted the mass flux based on the 
value of enhanced heat transfer by providing fins. Good agreement was found between the 
two and based on the simulation some analyses of different geometry “pin” fins were 
performed.  
5. Changing the membrane support size was investigated and it was found that with changing 
the membrane support porosity the production increased at the same ratio of the porosity. The 
membrane used was a 0.45 micron pore size PVDF membrane with an expensive support 
supplied by the membrane supplier Millipore Singapore. However, changing the support with 
an ordinary stainless steel wire mesh of same thickness enhanced the production and no 
deterioration in the quality of distillate was observed.  
6. Based on the experimental data from the multi-stage AGMD unit, a bigger unit with higher 
desired production rate was designed.  The waste heat of a marine engine cooling system was 
utilized for the design considered. While lower value of coolant temperature and air gap 
improved the performance significantly, the feed temperature had to be maintained at a 
certain value below 70oC to have better performance of the multistage MD unit. Decreasing 
the air gap provided the highest water/power ratio. For an air gap of 1mm, it was possible to 
obtain 1m3 of water at an energy input as low as 0.18 kWh. It was observed that for a higher 
demand of 15m3 freshwater a day, the module required were 858 with a total membrane area 
of 214 m2 and the water flux for each kWh energy came down to 16, which is near to the 
value obtained in lab scale experiments. Hence, the multistage MD utilizing waste heat is 
feasible to meet mainly the demand of small scale fresh water production.  
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Future Recommendations 
1. The 2-dimensional model developed was used to predict the effect of membrane 
parameters including porosity, thickness and conductivity which was not possible to 
investigate experimentally due to lack of reliable membrane supply source.  This model can 
be utilized either by hands on experiments or experimental data available in the published 
literature for similar membranes. 
2. The original sea water was not fed into the re-circulator bath as it might be harmful for the 
baths. For a similar set up with own pumping system, pre treated seawater should be used to 
observe the effect of different micro-organism growth on membrane and existence of these 
micro-organisms in the distilled water. 
3. The values of experimental temperatures were used in the models to validate the 
experimental results. Further theoretical investigation may provide expression for 
temperatures at different points which will facilitate prediction of production from any 
AGMD rig. Also, it will help to compare with experimental results from other research works 
on AGMD. 
4. As discussed in previous sections, the effect on production by different types of finned 
coolant plates was predicted. Different geometry coolant plate can be manufactured and its 
effect on production may be observed in practice.  
5. For the 2-D analysis, the flow distribution in the Cartesian co-ordinate showed a good 
mixing of the feed inside the feed chamber. Hence, it is suggested to prepare the feed and 
coolant chambers in square or rectangular cross section, instead of using cylindrical 
chambers. 




Alklaibi A.M., Desalination by membrane distillation, PhD thesis, 2004. 
Alklaibi A.M., Lior N., Membrane-distillation desalination: status and potential, 
Desalination,Vol. 171, pp. 111-131. 2004.31 
Alkaibi A.M., Lior N., Transport analysis of air-gap membrane distillation, Journal of. 
Membrane. Science, Vol. 255, pp. 239–253.2005. 
Awerbuch L.A., Vision for Desalination–Challenges and Opportunities, Proceedings of the 
IDA World Congress and Water Reuse, March 8–13,  Manama, Bahrain. 2002. 
Al-Obaidani S., Macedonio E.C. F., Di Profio G., Al-Hinai H., Drioli E., Potential of 
membrane distillation in seawater desalination: Thermal efficiency, sensitivity study and 
cost estimation, Journal of Membrane Science 323,  pp.  85–98, 2008. 
Andersson S. I., Kjellander N. and Rodesjo B.,  Design and field test of a new membrane 
distillation desalination process Desalination, 56 .pp.345--354 .1985. 
Bahar R., Hawlader M.N.A. and Woei L.S. , Performance evaluation of a mechanical vapor 
compression desalination system, Desalination, Vol.166, pp.123-127. 2004. 
Banat F. A and Simandl J., Theoretical and experimental study in membrane distillation. 
Desalination, 95,  pp. 39-52, 1994. 
Banat F.A., Membrane distillation for desalination and removal of volatile organic 
compounds from water, PhD thesis, 1994. 
Banat F.A. and Simandl J., Removal of benzene traces from contaminated water by vacuum 
membrane distillation, Chemical  Engineering Science. vol 51 (8),pp. 1257–1265. 1996.    
Banat F.A.and Jwaied N.,  Economic evaluation of desalination by small-scale autonomous 
                                                                                                                            REFERENCES 
182 
  
solar-powered membrane distillation units,  Desalination, Vol.220, pp. 566-573 .2008. 
Banat F., Jumah R. and Garaibeh M., Exploitation of solar energy collected by solar stills for 
desalination by membrane distillation, Renewable Energy, Vol.25, pp. 293-305 .2002. 
Bird, R.B., Stewart, W.E. and Lightfoot, E.N. Transport Phenomena, Wiley International ed., 
New York: Wiley & Sons, Inc.1960. 
Bocquet S., Romero J., Sanchez J., Rios G.M.,Membrane contactors for the extraction 
process with subcritical carbon dioxide or propane: simulation of the influence of operating 
parameters, J. Supercritical Fluids ,vol.41 pp.246.2007. 
Bodell B.R., Silicon rubber vapour diffusion in saline water distillation, United States Patent 
Serial No. 285,032, 1963.  
Bonyadi S. and Chung T. S. ,Flux enhancement in membrane distillation by fabrication of 
dual layer hydrophilic–hydrophobic hollow fiber membranes, Journal of Membrane Science 
Vol. 306 .pp. 134-146.  2007. 
Bouguecha  S., Chouikh  R., Dhahb M.,  Numerical study of the coupled heat and mass  
 
transfer in membrane distillation, Desalination, Vol. 152   pp. 245-252 . 2002 
 
Bruggen, B. Van der, Desalination by distillation and by reverse osmosis — trends towards  
 
the future, Membrane Technology, Vol 2003(2) pp. 6–9.2003. 
 
Bruggen Van der B. and Vandecasteele C., Distillation vs. membrane filtration: overview of 
process evolutions in seawater desalination, Desalination, vol. 143, pp. 207-218,2002 
Calabro V., Drioli E. and Matera F., Membrane distillation in the textile wastewater 
treatment. Desalination, 83, pp. 209-224, 1991. 
Carlsson, L , The new generation in sea water desalination SU membrane distillation  
system  desalination 45, Issues 1-3,  pp.  221-222, May 1983. 
                                                                                                                            REFERENCES 
183 
  
Chen T.C, Ho C.D., Immediate assisted solar direct contact membrane distillation in saline 
water desalination, Journal of Membrane Science, Volume 358. pp 122-130.2010. 
Chernyshov M. N., Meindersma G. W. and. de Haan A.B , Modelling temperature and salt 
concentration distribution in membrane distillation feed channel. 
Desalination, 157,  pp.  315-324. 2003. 
Chouikh R., Bouguecha S. and Dhahbi M., Modelling of a modified air gap distillation 
membrane for the desalination of seawater, Desalination, 181, pp. 257-265. 2005. 
Criscuoli A. and  Drioli E.,Energetic and exergetic analysis of an integrated membrane 
desalination system, Desalination, 124, pp. 243-249, 1999. 
Darwish M.A., Yousef F. A. and A1-Najem N.M., Energy consumption and costs with a 
multi-stage flashing (MSF) desalting system, Desalination, vol. 109. pp285-302,1997. 
Darwish M.A and El-Hadik A.A.,  The Multi-Effect boiling desalting system and its 
comparison with the Multi-Stage Flash system, Desalination, Volume 60, pp.251--265 .1986. 
de Andres M.C., Doria J., Khayet M., Pefia L.,and  Mengual J.I., Coupling of a membrane 
distillation module to a multieffect distiller for pure water production Desalination, 115, pp. 
71-8l, 1998. 
Drioli E., Lagana F., Criscuoli A. and Barbieri G., Integrated membrane operations in 
desalination processes. Desalination, 122, pp. 141-145, 1999. 
Drioli E.  and Wu Y.,Membrane distillation : an experimental study. Desalination, 53, pp. 
339-346, 1985. 
El-Bourawi M.S., Ding Z., Ma R., Khayet M., A framework for better understanding 
membrane distillation separation process, Journal of Membrane Science vol.285,pp. 4–




El-Zanati E. and El-Khatib K.M. Integrated membrane –based desalination system 
Desalination, Volume 205, pp.15-25. 2007. 
Fabuss B.M and Korosi A., Vapor  pressures of binary aqueous solutions of  
NaCl,KCl,Na2SO4 and MgSO4 at concentrations and temperatures of interest in desalination 
processes. Desalination,vol 1.pp. 139-148.1966. 
Fane A.G., Schofield R.W. and Fell C.J.D., The efficient use of energy in membrane 
distillation ,Desalination, Vol. 64. pp. 231-243. 1987.  
Feng C., Khulbe K.C., Matsuura T., Gopal R., Kaur S., Ramakrishna S.and  Khayet M., 
Production of drinking water from saline water by air-gap membrane distillation using 
polyvinylidene fluoride nanofiber membrane, Journal of Membrane Science 311 .pp.1–6, 
2008.  
Findley M.E., Vaporization through porous membrane, Ind. Eng. Chem. Process Des. Dev. 6 
page 226. 1967. 
Fischetti, M, Fresh from the Sea, Scientific American (Scientific American, Inc.) 297 (3).pp 
118–119. 2007. 
Garcia-Payo  M. C., Rivier C. A., Marison I. W., and Von Stockar U.,  Separation of binary 
mixtures by thermostatic sweeping gas membrane distillation: II. Experimental results with 
aqueous formic acid solutions,   Journal of Membrane Science , 198, pp.197-210 .2002. 
Ghobeity A.and Mitsos A., Optimal time-dependent operation of seawater reverse osmosis, 
Desalination,Vol 263. pp.76–88. 2010. 
Godino M.P., Pena L., Rincon C., and Mengual J.I., Water production from brines by 
membrane distillation, Desalination, 108, Pages 91-97,1996 
                                                                                                                            REFERENCES 
185 
  
Gryta M., Concentration of saline wastewater from the productionof heparin. Desalination 
129, pp 35-44, 2000. 
Gryta M. and Karakrulski  K.,The application of membrane distillation for the concentration 
of oil-water emulsions, Desalination, 121, pp. 23-29, 1999. 
Guijt C. M,  Racz I. G., van Heuven J. W, Reith T. and de Haan A. B., Modelling of a 
transmembrane evaporation module for desalination of seawater. Desalination, 126, pp.119-
125, 1999. 
Harris A., Seawater Chemistry and Scale Control,Desalination Technology Development 
and Practice, in: A. Porteous (Ed.), Applied Science Publishers , pp.31–56. London, UK, 
1983. 
Hanbury W.T. and Hodgkiess T., Membrane distillation - an assessment. Desalination, Vol 
56, pp. 287—297, 1985. 
Haute V.A., Hendeyckx Y., The permeability of membranes to water vapour ,Desalination 
Vol.3, pp. 16. 1967. 
Hendeyckx Y., Diffusion doublet research, Desalination 3, Page 237, 1967. 
Hogan P.A., Sudjito, Fane A.G., Morrison G.L., Desalination by solar heated membrane 
distillation, Desalination ,Vol. 81 .pp.81–90. 1991.  
Holman J.P., Heat transfer, Fifth edition, McGraw-Hill, New York, 2002. 
Hsu S.T., Cheng  K.T. and Chiou J.S., Seawater desalination by direct contact membrane 
distillation, Desalination, Vol.  143, pp. 279-287.2002. 
IDA Desalination Yearbook , Water Desalination Report, Global Water Intelligence and 
International Desalination Association, Topsfield, MA, USA.2006–2007. 
                                                                                                                            REFERENCES 
186 
  
IDA 2004: Desalination Business Stabilized on a High Level, Int. Desal.Water Reuse, Vol. 
14 (2), pp.14–17.2004 
Izquierdo-Gil, M.A., Garcia-Payo M.C. and Farnandez-Pinenda C., Air Gap Membrane 
Distillation of Sucrose Aqueous Solutions, Journal of Membrane Science, Vol.155 pp. 291-
307.1999 
Jonsson A. S., Wimmerstedt  R. and Harryson A.-C., Membrane distillation-A theoretical 
study of evaporation through micro-porous membranes , Desalination, Vol. 56 pp. 237—
249.1985. 
Kalogirou S.A(2005), Seawater desalination using renewable energy sources, Progress in 
Energy and Combustion Science, Vol. 31 pp. 242–281,2005. 
Khayet M., Godino M.P., Mengual J.I., Modelling transport mechanism through a porous 
partition, J. Non-Equil. Thermodyn. Vol. 26,pp. 1-14. 2001.  
Khayet M. and Matsuura T., Application of surface modifying macromolecules for the 
preparation of membranes for membrane distillation Flux enhancement in membrane 
distillation by fabrication of dual layer hydrophilic–hydrophobic hollow fibre membranes 
Desalination. Vol 158 .pp.51-56. 2003. 
Khayet M., Mengual J.I., Zakrzewska-Trznadel G., Direct contact membrane distillation for 
nuclear desalination. Part I. Review of membranes used in membrane distillation and 
methods for their characterization, Int. J. Nucl. Desalinat. Vol. 1 (4) ,pp. 435–449. 2005. 
Khayet M., Matsuura T., Mengual J.I. and Qtaishat M., Design of novel direct contact 
membrane distillation membranes, Desalination, Vol.192, Pages 105-111. 2006 
Kimura S. and Naka S.I., Transport phenomena in membrane distillation, Journal of 
Membrane Science,Vol. 33, pp. 285-298.1987. 
                                                                                                                            REFERENCES 
187 
  
Kurokawa H. and Sawa T., Heat recovery characteristics of membrane distillation, Heat 
Transl. Jap. Res.,  vol. 25 (3).1996. 
Kubota S., Ohta K., Hayano I., Hirai M., Kikuchi K. and Murayama Y., Experiments on 
seawater desalination by membrane distillation. Desalination, vol. 69. pp. 19-26. 1988. 
Levitus S., World Ocean Atlas 1994 CD-ROM Data Set. NOAA National Oceanographic 
Data Center. 1994. 
Liu G.L., Zhu C., Cheung C.S. and Leung C.W.,Theoretical and experimental studies on air 
gap membrane distillation,  Heat Mass Transfer. Vol. 34 .pp. 329-335. 1998. 
Macedonio F., Curcio E. and Drioli E., Integrated membrane systems for seawater 
desalination: energetic and exergetic analysis, economic evaluation, experimental study, 
Desalination, 203, Pages 260-276. 2007. 
Malek A., Hawlader M.N.A. and Ho J.C., Large scale seawater desalination: A technical and 
economic review,ASEAN Journal on Science and Technology for development, Vol. 
9.pp.41-61.1992. 
Martínez L. and Rodríguez-Maroto J.M., Membrane thickness reduction effects on direct 
contact membrane distillation performance, Journal of Membrane Science, Vol. 312 . pp 
143-156.2008. 
Martínez-Díez  L., Vázquez-González  M. I. and  Florido-Díaz  F. J.,Study of membrane 
distillation using channel spacers, Journal of Membrane Science, Vol.144. pp 45-56.1998. 
Matheswaran M., Kwon T. O., Kim J. W. , and Moon I. S., Factors Affecting Flux and 
Water Separation Performance in Air Gap Membrane Distillation, J. Ind. Eng. Chem., Vol. 
13.pp. 965-970. 2007. 
                                                                                                                            REFERENCES 
188 
  
Meindersma G.W., Guijt, C.M. and de Haan A.B., Desalination and water recycling by air 
gap  membrane distillation, Volume 187, Issues 1-3, 5 Pages 291-301, February 2006. 
Middle East Electricity, Drinking Water from the Sea, pp. 21–22. April 2005. 
Moch,  I. Jr., A 21st Century Study of Global Seawater Reverse Osmosis Operating and 
Capital Costs,   Proceedings of the IDA World Congress and Water Reuse, March 8–13,  
Manama, Bahrain. 2002. 
Moffat, R. J. Describing the Uncertainties in Experimental Results, Experimental Thermal 
and Fluid Science, 1, pp. 3-17. 1988. 
Mohammadi T. and Akbarabadi M., Separation of ethylene glycol solution by vacuum 
membrane distillation  (VMD), Desalination, Vol. 181. pp 35-41. 2005.   
Mourgues A., Hengl N., Belleville M.P., Paolucci-Jeanjean D., Sanchez J., Membrane 
contactor with hydrophobic metallic membranes: 1. Modeling of coupled mass and heat 
transfers in membrane evaporation Journal of Membrane Science ,Vol.355 (2010) pp.112–
125. 
Mulder M., Basic principles of membrane technology, 2nd edition,1996, Dordrecht. 
 
Nafeya A. S., Fathb H. E. S. and Mabrouka A. A., Thermo-economic investigation of multi 
effect evaporation (MEE) and hybrid multi effect evaporation-multi stage flash (MEE-MSF) 
systems. Desalination,vol. 201 pp.241–254.2006. 
Ng K. C, Saha B. B.; Chakraborty A. and Koyama S., Adsorption Desalination Quenches 
Global Thirst,Heat Transfer Engineering, Vol .29(10), pp. 845 — 848,2008. 
Ohta K., Hayano I., Okabe T., Goto T., Kimura S. and Ohya H., Membrane Distillation with 
Fluoro-carbon membranes. Desalination, 81, Pages 107-115, 1991. 
                                                                                                                            REFERENCES 
189 
  
Ortiz de Z´arate J.M., Rinc´on C. and Mengual J.I., Concentration of bovine serum albumin 
aqueous solutions by membrane distillation, Sep. Sci.Technol. vol 33 (3),pp. 283–296. 1998. 
Peng P., Fane A.G. and Li X., Desalination by membrane distillation adopting a hydrophilic 
membrane, Desalination, Pages 45-54. 2005. 
Reynolds R.W. and Smith T.M. Improved global sea surface temperature analysis using 
optimum interpolation. Journal of Climate vol 7. pp. 929–948.1994. 
Romero J., Rios G.M., Sanchez J., Saavedra A., Analysis of boundary layer and solute 
transport in osmotic evaporation, AIChE J. vol. 49 (2003).pp. 2783. 
Roque-Malherbe R.M.A., Adsorption and Diffusion in Nanoporous Materials, Taylor & 
Francis Group, 2007. 
Sakai K., Muroi T., Ozawa K., Takesawa S., Tamura M. and Nakaue T., Extraction of 
solute-free water from blood by membrane distillation, Trans. American Society for  
Artificial Internal  Organs ,vol 32,  pp. 397–400.1986. 
Sarti G.C., Gostoli  C. and Matulli S., Low energy cost desalination processes using 
hydrophobic membranes, Desalination, Vol. 56.pp. 277-286.1985. 
Schofield R.W., Fane A.G. and Fell C.J.D., Gas and vapour transport through micro porous  
membranes. I. Knudsen-Poiseuille transition, Journal  of Membrane Science, vol.53. pp.159-
171.(1990). 
Schofield R.W, .Fane A.G. and Fell C.J.D. ,Heat and mass transfer in membrane distillation, 
Journal of Membrane Science, vol. 33, pp. 299-313.1987. 
Scott D.S. and Dullien F.A.L., Diffusion of  Ideal Gases in Capillaries and Porous Solids, 
AICHE , Vol 8,Issue 1, 1962. 
                                                                                                                            REFERENCES 
190 
  
Sharqawy M. H., Lienhard V J. H. and Zubair  S. M. ,Thermophysical properties of 
seawater: A review of existing correlations and data, Desalination and Water Treatment, Vol. 
16  pp. 354-380.2010. 
Sherwood T.K., Pigford  R.L. and Wilke C.R., Mass Transfer, McGraw-Hill, NY,1975. 
Smith J.M, Introduction to chemical engineering Thermodynamics,3rd Edition.McGraw 
Hill,NY,1981. 
Taylor, R. And Krishna R., Multicomponent Mass Transfer, Wiley Series in Chemical 
Engineering, 1993. 
Thu K., Ng K.C., Saha B.B., Chakraborty A., and Koyama S., Operational strategy of 
adsorption desalination systems, International Journal of Heat and Mass Transfer Vol.52.pp. 
1811–1816.2009. 
Varming C., Andersen M.L. and Poll L., Influence of thermal treatment on black currant 
(Ribes nigrum L.) juice aroma, J. Agric. Food Chem. vol. 52 (25),pp. 7628–7636.2004. 
Weyl P.K., Recovery of demineralized water from saline waters, United States Patent no. 
3,340,186 .1967. 
Wilf  M. and Klinko K., Search for the optimal SWRO design, Desal Water Reuse, Vol.11 
(3) pp.15–20. 2001 
Wirth D. and Cabassud C., Water desalination using membrane distillation: comparison 
between inside/out and outside/in permeation, Desalination,  147, Pages 139-145, 2002. 
Xu J., Furuswa M. and Ito A., Air-sweep vacuum membrane distillation using fine silicone 
rubber hollow-fiber membranes, Desalination, 191, Pages 223-231. 2006. 
Xu Y., Bao-ku Zhu and You-yi Xu, Pilot test of vacuum membrane distillation for seawater 




desalination on a ship, Desalination, 189, Pages 165-169. 2006.  
Young, T. "An Essay on the Cohesion of Fluids". Phil. Trans. R. Soc. Lond. vol 95.pp. 65–
87.1805. 
Zhu C, Liu G.L. , Cheung C.S., Leung C.W. and Zhu Z.C., Ultrasonic stimulation on 
enhancement of air gap membrane distillation, Journal of Membrane Science,Vol. 161, 
pp.85-93.1999. 
Zolotarev P.P., Ugrosov V.V.,Volkina I.B. and Nikulin V.N., Treatment of waste-water for 
removing heavy-metals by MD, Journal of  Hazardous Material. vol 37 pp.77–82. 1994.  








Table A-1.Results from Single Stage MD Unit 





No Temperature Temp 
 
Concentration   EXP 
  (oC) (oC) (mm) ppm lpm kg/m^2hr 
1 45 10 2.5 tap water 4 1.752833 
2 45 15 2.5 tap water 4 1.478953 
3 45 20 2.5 tap water 4 1.259849 
4 45 25 2.5 tap water 4 1.194268 
5 50 10 2.5 tap water 4 2.583156 
6 50 15 2.5 tap water 4 2.229299 
7 50 20 2.5 tap water 4 1.946214 
8 50 25 2.5 tap water 4 1.698514 
9 55 10 2.5 tap water 4 3.65382 
10 55 15 2.5 tap water 4 3.2532 
11 55 20 2.5 tap water 4 2.69127 
12 55 25 2.5 tap water 4 2.21045 
13 60 10 2.5 tap water 4 5.111444 
14 60 15 2.5 tap water 4 4.644365 
15 60 20 2.5 tap water 4 3.466767 
16 60 25 2.5 tap water 4 2.92174 
17 45 10 5 tap water 4 0.99721 
18 45 15 5 tap water 4 0.92431 
19 45 20 5 tap water 4 0.7868 
20 45 25 5 tap water 4 0.6982 
21 50 10 5 tap water 4 1.503892 
22 50 15 5 tap water 4 1.27465 
23 50 20 5 tap water 4 1.201883 
24 50 25 5 tap water 4 1.106647 
25 55 10 5 tap water 4 1.971019 
26 55 15 5 tap water 4 1.775478 
27 55 20 5 tap water 4 1.600318 
28 55 25 5 tap water 4 1.536624 
29 60 10 5 tap water 4 2.595541 
30 60 15 5 tap water 4 2.35138 
Appendix-A 
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31 60 20 5 tap water 4 2.200106 
32 60 25 5 tap water 4 2.123142 
33 45 10 7.5 tap water 4 0.803255 
34 45 15 7.5 tap water 4 0.760793 
35 45 20 7.5 tap water 4 0.73126 
36 45 25 7.5 tap water 4 0.603864 
37 50 10 7.5 tap water 4 1.213098 
38 50 15 7.5 tap water 4 1.11894 
39 50 20 7.5 tap water 4 1.018973 
40 50 25 7.5 tap water 4 0.994321 
41 55 10 7.5 tap water 4 1.533729 
42 55 15 7.5 tap water 4 1.276967 
43 55 20 7.5 tap water 4 1.206785 
44 55 25 7.5 tap water 4 1.106647 
45 60 10 7.5 tap water 4 1.984664 
46 60 15 7.5 tap water 4 1.704524 
47 60 20 7.5 tap water 4 1.401274 
48 60 25 7.5 tap water 4 1.344657 
49 50 20 5 tap water 2 1.254332 
50 50 20 5 tap water 4 1.212517 
51 50 20 5 tap water 6 1.281654 
52 50 20 5 tap water 8 1.298264 
53 45 20 2.5 15000 ppm 4 1.27196 
54 50 20 2.5 15000 ppm 4 1.884132 
55 55 20 2.5 15000 ppm 4 2.572232 
56 60 20 2.5 15000 ppm 4 3.41713 
57 45 20 2.5 30000 ppm 4 1.14331 
58 50 20 2.5 30000 ppm 4 1.745601 
59 55 20 2.5 30000 ppm 4 2.452003 
60 60 20 2.5 30000 ppm 4 3.32321 
61 45 20 2.5 45000 ppm 4 1.10715 
62 50 20 2.5 45000 ppm 4 1.681105 
63 55 20 2.5 45000 ppm 4 2.235028 










Sl Feed Coolant  
A/gap 
Coolant concentrationn Stage1 Stage 2 Stage3 
Total 
Flux 
No  Temp Temp    plate         (kg/m^hr) 
1 40 10 2.5 mm FLAT,ST STEEL tap water 2.95 2.74 2.11 7.79 
2 45 10 2.5 mm FLAT,ST STEEL tap water 3.79 3.37 2.53 9.69 
3 50 10 2.5 mm FLAT,ST STEEL tap water 4.63 4.39 3.65 12.67 
4 55 10 2.5 mm FLAT,ST STEEL tap water 4.84 4.74 4.38 13.96 
5 60 10 2.5 mm FLAT,ST STEEL tap water 6.32 5.47 5.05 16.84 
6 40 15 2.5 mm FLAT,ST STEEL tap water 2.32 1.90 1.68 5.90 
7 45 15 2.5 mm FLAT,ST STEEL tap water 3.30 3.18 2.21 8.70 
8 50 15 2.5 mm FLAT,ST STEEL tap water 4.22 3.79 3.55 11.56 
9 55 15 2.5 mm FLAT,ST STEEL tap water 4.54 4.22 4.16 12.92 
10 60 15 2.5 mm FLAT,ST STEEL tap water 5.67 5.05 4.63 15.36 
11 40 20 2.5 mm FLAT,ST STEEL tap water 2.11 1.90 1.47 5.47 
12 45 20 2.5 mm FLAT,ST STEEL tap water 3.16 2.74 2.11 8.00 
13 50 20 2.5 mm FLAT,ST STEEL tap water 3.59 3.46 3.30 10.34 
14 55 20 2.5 mm FLAT,ST STEEL tap water 4.42 4.10 3.36 11.88 
15 60 20 2.5 mm FLAT,ST STEEL tap water 5.49 5.01 4.43 14.93 
16 40 25 2.5 mm FLAT,ST STEEL tap water 1.47 1.05 0.63 3.16 
17 45 25 2.5 mm FLAT,ST STEEL tap water 2.53 2.32 1.90 6.74 
18 50 25 2.5 mm FLAT,ST STEEL tap water 3.28 3.16 3.04 9.48 
19 55 25 2.5 mm FLAT,ST STEEL tap water 4.22 4.00 3.17 11.39 
20 60 25 2.5 mm FLAT,ST STEEL tap water 5.26 4.84 4.21 14.32 
21 45 10 6mm FLAT,ST STEEL tap water 2.95 1.26 0.84 5.05 
22 50 10 6mm FLAT,ST STEEL tap water 2.84 1.90 1.74 6.47 
23 55 10 6mm FLAT,ST STEEL tap water 3.79 2.53 2.05 8.37 
Table A2: Results from multistage MD and different coolant plate 




24 60 10 6mm FLAT,ST STEEL tap water 4.74 3.00 2.53 10.26 
25 45 15 6mm FLAT,ST STEEL tap water 2.32 0.63 0.63 3.58 
26 50 15 6mm FLAT,ST STEEL tap water 2.32 1.26 1.26 4.84 
27 55 15 6mm FLAT,ST STEEL tap water 3.32 2.37 1.74 7.42 
28 60 15 6mm FLAT,ST STEEL tap water 4.58 3.00 2.53 10.11 
29 45 20 6mm FLAT,ST STEEL tap water 1.90 1.05 0.42 3.37 
30 50 20 6mm FLAT,ST STEEL tap water 2.11 1.05 0.84 4.00 
31 55 20 6mm FLAT,ST STEEL tap water 2.95 1.90 1.47 6.32 
32 60 20 6mm FLAT,ST STEEL tap water 4.26 3.00 2.37 9.63 
33 45 25 6mm FLAT,ST STEEL tap water 1.68 0.63 0.42 2.74 
34 50 25 6mm FLAT,ST STEEL tap water 1.90 1.05 0.63 3.58 
35 55 25 6mm FLAT,ST STEEL tap water 2.74 1.26 0.84 4.84 
36 60 25 6mm FLAT,ST STEEL tap water 4.26 2.21 2.05 8.53 
37 40 10 8.5mm FLAT,ST STEEL tap water 1.26 0.63 0.63 2.53 
38 45 10 8.5mm FLAT,ST STEEL tap water 1.90 0.63 0.84 3.37 
39 50 10 8.5mm FLAT,ST STEEL tap water 2.32 1.68 1.26 5.26 
40 55 10 8.5mm FLAT,ST STEEL tap water 3.58 2.11 1.68 7.37 
41 60 10 8.5mm FLAT,ST STEEL tap water 4.63 3.16 2.53 10.32 
42 40 15 8.5mm FLAT,ST STEEL tap water 1.26 0.84 0.63 2.74 
43 45 15 8.5mm FLAT,ST STEEL tap water 1.47 1.05 0.84 3.37 
44 50 15 8.5mm FLAT,ST STEEL tap water 1.68 1.47 1.26 4.42 
45 55 15 8.5mm FLAT,ST STEEL tap water 2.32 1.68 1.05 5.05 
46 60 15 8.5mm FLAT,ST STEEL tap water 3.37 2.53 1.90 7.79 
47 40 20 8.5mm FLAT,ST STEEL tap water 0.63 0.47 0.32 1.42 
48 45 20 8.5mm FLAT,ST STEEL tap water 1.26 0.84 0.63 2.74 




49 50 20 8.5mm FLAT,ST STEEL tap water 1.90 1.58 1.11 4.58 
50 55 20 8.5mm FLAT,ST STEEL tap water 2.74 2.32 1.47 6.53 
51 60 20 8.5mm FLAT,ST STEEL tap water 4.21 2.95 1.90 9.05 
52 40 25 8.5mm FLAT,ST STEEL tap water 0.25 0.19 0.13 0.57 
53 45 25 8.5mm FLAT,ST STEEL tap water 0.84 0.63 0.42 1.90 
54 50 25 8.5mm FLAT,ST STEEL tap water 1.16 0.95 0.84 2.95 
55 55 25 8.5mm FLAT,ST STEEL tap water 2.05 1.42 1.26 4.74 
56 60 25 8.5mm FLAT,ST STEEL tap water 2.95 2.53 1.47 6.95 
57 40 10 6mm 
FINNED, 
ALMNM tap water - - 1.361 1.36 
58 45 10 6mm 
FINNED, 
ALMNM tap water - - 2.381 2.38 
59 50 10 6mm 
FINNED, 
ALMNM tap water - - 2.721 2.72 
60 55 10 6mm 
FINNED, 
ALMNM tap water - - 3.401 3.40 
61 60 10 6mm 
FINNED, 
ALMNM tap water - - 4.082 4.08 
62 40 15 6mm 
FINNED, 
ALMNM tap water - - 1.19 1.19 
63 45 15 6mm 
FINNED, 
ALMNM tap water - - 1.361 1.36 
64 50 15 6mm 
FINNED, 
ALMNM tap water - - 1.814 1.81 
65 55 15 6mm 
FINNED, 
ALMNM tap water - - 2.721 2.72 
66 60 15 6mm 
FINNED, 
ALMNM tap water - - 3.741 3.74 




67 40 20 6mm 
FINNED, 
ALMNM tap water - - 1.02 1.02 
68 45 20 6mm 
FINNED, 
ALMNM tap water - - 1.19 1.19 
69 50 20 6mm 
FINNED, 
ALMNM tap water - - 1.531 1.53 
70 55 20 6mm 
FINNED, 
ALMNM tap water - - 2.551 2.55 
71 60 20 6mm 
FINNED, 
ALMNM tap water - - 3.061 3.06 
72 40 25 6mm 
FINNED, 
ALMNM tap water - - 0.794 0.79 
73 45 25 6mm 
FINNED, 
ALMNM tap water - - 1.361 1.36 
74 50 25 6mm 
FINNED, 
ALMNM tap water - - 1.871 1.87 
75 55 25 6mm 
FINNED, 
ALMNM tap water - - 2.551 2.55 
76 60 25 6mm 
FINNED, 
ALMNM tap water - - 3.175 3.18 
77 55 20 6mm FLAT,ST STEEL 15000 ppm 2.95 2.27 1.81 7.03 
78 55 20 6mm FLAT,ST STEEL 30000 ppm 2.72 1.81 1.59 6.12 
79 55 20 6mm FLAT,ST STEEL 45000 ppm 1.81 1.13 0.91 3.85 
80 10 40 6mm FLAT,ALMNM tap water - - 0.454 0.45 
81 10 45 6mm FLAT,ALMNM tap water - - 0.907 0.91 
82 10 50 6mm FLAT,ALMNM tap water - - 1.134 1.13 
83 10 55 6mm FLAT,ALMNM tap water - - 1.814 1.81 
84 10 60 6mm FLAT,ALMNM tap water - - 2.268 2.27 











85 15 40 6mm FLAT,ALMNM tap water - - 0.68 0.68 
86 15 45 6mm FLAT,ALMNM tap water - - 0.907 0.91 
87 15 50 6mm FLAT,ALMNM tap water - - 1.361 1.36 
88 15 55 6mm FLAT,ALMNM tap water - - 1.814 1.81 
89 15 60 6mm FLAT,ALMNM tap water - - 2.268 2.27 
90 20 40 6mm FLAT,ALMNM tap water - - 0.68 0.68 
91 20 45 6mm FLAT,ALMNM tap water - - 0.907 0.91 
92 20 50 6mm FLAT,ALMNM tap water - - 1.134 1.13 
93 20 55 6mm FLAT,ALMNM tap water - - 1.587 1.59 
94 20 60 6mm FLAT,ALMNM tap water - - 2.268 2.27 
95 25 40 6mm FLAT,ALMNM tap water - - 0.34 0.34 
96 25 45 6mm FLAT,ALMNM tap water - - 0.68 0.68 
97 25 50 6mm FLAT,ALMNM tap water - - 0.907 0.91 
98 25 55 6mm FLAT,ALMNM tap water - - 1.361 1.36 
99 25 60 6mm FLAT,ALMNM tap water - - 1.814 1.81 
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B.6. Latent heat of evaporation 
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C.1. Calibration of Thermocouples: 
Table C.1: Calibration of Thermocouples (stage1) 
Thermocouple Relation between Measured (x)and  
Actual (y) Temperature 
T1 y = 0.9867x + 1.9459 
T2 y = 0.9845x + 2.1088 
T3 y = 0.9863x + 2.0671 
T4 y = 0.9853x + 2.1118 
T5 y = 0.9635x + 3.105 
T6 y = 0.9824x + 2.6156 
T7 y = 0.9799x + 2.2579 






Table C.2: Calibration of Thermocouples (stage2) 
 
Thermocouple Relation between Measured (x)and  
Actual (y) Temperature 
T1 y = 1.0022x - 1.219 
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T3 y = 1.0022x - 1.1138 
T4 y = 1.0011x – 0.9748 
T5 y = 0.9998x – 0.7828 
T6 y = 1.0006x – 0.5945 
T7 y = 1.0024x – 0.6 
T8 y = 1.0024x – 0.6 
T9 y=0.9448x+1.974 




Table C.3: Calibration of Thermocouples (stage3) 
 
Thermocouple Relation between Measured (x)and  
Actual (y) Temperature 
T1 y = 1.0266x - 1.2864 
T2 y = 1.0254x - 1.2686 
T3 y = 1.0232x – 0.9701 
T4 y = 1.022x – 1.0853 
T5 y = 1.023x-1.2238 
T6 y = 1.022x – 1.1914 
T7 y = 1.0226x – 0.5467 
T8 y = 1.0209x – 0.8612 
T9 y=1.0181x-0.7747 
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T10 y = 1.0191x – 0.6687 
T11 y=1.0167x-0.6569 
T12 y=1.0143x-0.6877 
T13(for fin tip) y=1.0077x-0.9498 
 
C.2. Calibration of Conductivity meter: 
Table.C.2: Calibration of Conductivity meter: 
Concentration Range 
(ppm) 
Relation between Conductivity meter reading (x) 
and actual parts per million(ppm) values (y) 
0~1500 y = 523.09x - 21.798 
1500~5000 y = 575.39x - 187.45 
5000~50000 y = 757.66x - 3100 
 
C.3. Calibration of Pressure Gages: 
Table.C.3: Calibration of Pressure Gage 
Pressure Gage  Relation between Actual (y) and Gage Value (x) 
P1 y = 1.0572x - 8.3348 
P2 y=1.0277x - 0.4023 
 
 








D.1.The energy equation: 





























The energy equation in the discretized form becomes: 
ACT.AET.APT.AW )j,1i()j,i(j,1i =++ +−  
This equation is solved for the first row and then other rows as the distance between two 
nodal points in the  ξ direction  for the first row is half of that of the other rows. That is, 
∆ ξ j=1=0.5. ∆ ξ 2 > j  > m. 
D.1.1.The First Row: 
For the 1 st row, it has been divided in three regions namely, region near the wall, the 
general region in the middle and region near the interface. 
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D.1.2. The Second Row: 
For the 2 nd row, it has been divided in three regions namely, region near the wall, the 
general region in the middle and region near the interface. 





















































































D.2.The Mass Transfer Equation: 
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The discretization has followed the similar pattern of energy equation. 
D.2.1. The First Row: 







































































c) For the Last Column of Nodes(Region near Interface , i=n and j=1) 

















































c.u.2 entranceNaClj,i  
D.2.2.The Second Row: 
For the 2 nd row, it has been divided in three regions namely, region near the wall, the 
general region in the middle and region near the interface. 



























































































































1j,ic.u NaClj,i  
 
 










E.1. Uncertainties in Determination of distillate flux:  
 




















M     (E.1) 
here, 
•
M =f (DAB,Cv,Pw) 
again, 



















×=    (E.2) 
avg
v RT
PC =       (E.3) 
Pw =exp[B1 – A1/(C1 + T)],    (E.4) 
so, basically the experimental error encountered will be due to the measurement 
























































































































the term δT  is again a combination of the random error and the fixed error in such a way 
that ( )2221 TTT δ+δ=δ  0.5. 










T  where n is the number of data taken to determine Ts, T  is the mean of 
the population.  
For the pressure reading,  
( ) 5.02221 PPP δ+δ=δ . 
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)- (a/sup)  (plate)       
55.9 14.6 0. 5 -0.5 16217.4 38.7 38.6 38.7 1618.5 5.3 5.3 5.3 
55.0 18.8 0. 5 -0.5 15534.0 37.3 37.2 37.3 2119.4 6.7 6.7 6.7 
55.0 24.5 0. 5 -0.5 15534.0 37.3 37.2 37.3 3012.1 9.1 9.1 9.1 
54.8 29.6 0.5 -0.5 15385.5 37.0 36.9 37.0 4071.4 11.8 11.8 11.8 
36.4 19.6 0.5 -0.5 5975.6 16.4 16.4 16.4 2228.7 7.0 7.0 7.0 
41.6 18.6 0.5 -0.5 7909.4 20.9 20.9 20.9 2092.8 6.6 6.6 6.6 
46.9 13.4 0.5 -0.5 10411.3 26.5 26.4 26.5 1496.0 4.9 4.9 4.9 
52.0 14.5 0. 5 -0.5 13430.5 33.0 32.9 32.9 1608.0 5.3 5.2 5.3 
55.9 14.6 0. 5 -0.5 16217.4 38.7 38.6 38.7 1618.5 5.3 5.3 5.3 
37.1 23.4 0. 5 -0.5 6198.1 17.0 16.9 17.0 2818.1 8.6 8.6 8.6 
42.2 22.7 0.5 -0.5 8163.8 21.5 21.5 21.5 2700.3 8.3 8.2 8.3 
46.4 18.2 0.5 -0.5 10149.4 25.9 25.9 25.9 2040.5 6.5 6.5 6.5 
52.0 19.3 0.5 -0.5 13430.5 33.0 32.9 32.9 2187.2 6.9 6.9 6.9 
55.0 18.8 0.5 -0.5 15534.0 37.3 37.2 37.3 2119.4 6.7 6.7 6.7 
38.4 25.7 0. 5 -0.5 6646.6 18.0 18.0 18.0 3237.0 9.7 9.7 9.7 
42.5 26.2 0. 5 -0.5 8293.6 21.8 21.8 21.8 3334.9 9.9 9.9 9.9 
46.7 23.5 0. 5 -0.5 10305.8 26.3 26.2 26.2 2835.3 8.6 8.6 8.6 
51.1 24.9 0.5 -0.5 12849.0 31.7 31.7 31.7 3085.5 9.3 9.3 9.3 
55.0 24.5 0.5 -0.5 15534.0 37.3 37.2 37.3 3012.1 9.1 9.1 9.1 
38.7 26.5 0.5 -0.5 6755.4 18.3 18.2 18.3 3394.9 10.1 10.1 10.1 
42.5 27.1 0.5 -0.5 8293.6 21.8 21.8 21.8 3517.6 10.4 10.4 10.4 
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47.1 28.4 0. 5 -0.5 10517.6 26.7 26.7 26.7 3796.8 11.1 11.1 11.1 
51.5 28.1 0. 5 -0.5 13104.8 32.3 32.2 32.2 3730.7 10.9 10.9 10.9 
54.8 29.6 0. 5 -0.5 15385.5 37.0 36.9 37.0 4071.4 11.8 11.8 11.8 
32.5 12.9 0.5 -0.5 4807.0 13.6 13.6 13.6 1447.4 4.8 4.8 4.8 
38.0 14.7 0.5 -0.5 6521.6 17.7 17.7 17.7 1629.1 5.3 5.3 5.3 
42.0 15.6 0.5 -0.5 8078.2 21.3 21.3 21.3 1727.3 5.6 5.6 5.6 
44.0 16.6 0.5 -0.5 8969.5 23.3 23.3 23.3 1842.4 5.9 5.9 5.9 
53.0 19.2 0. 5 -0.5 14102.8 34.4 34.3 34.3 2173.5 6.8 6.8 6.8 
34.5 17.6 0. 5 -0.5 5378.9 15.0 15.0 15.0 1964.1 6.3 6.2 6.3 
39.4 18.8 0. 5 -0.5 7034.1 18.9 18.9 18.9 2119.4 6.7 6.7 6.7 
41.4 19.6 0.5 -0.5 7826.1 20.7 20.7 20.7 2228.7 7.0 7.0 7.0 
45.7 20 0.5 -0.5 9792.3 25.1 25.1 25.1 2285.2 7.1 7.1 7.1 
50.9 22 0.5 -0.5 12722.8 31.5 31.4 31.4 2586.9 8.0 7.9 8.0 
37.1 19.5 0.5 -0.5 6209.5 17.0 17.0 17.0 2214.8 7.0 6.9 6.9 
41.2 22.5 0. 5 -0.5 7743.6 20.6 20.5 20.5 2667.5 8.2 8.2 8.2 
43.3 24.9 0. 5 -0.5 8648.4 22.6 22.6 22.6 3085.5 9.3 9.3 9.3 
45.1 26.7 0. 5 -0.5 9494.8 24.5 24.4 24.5 3435.4 10.2 10.2 10.2 
51.5 29.7 0.5 -0.5 13104.8 32.3 32.2 32.2 4095.1 11.9 11.8 11.8 
39.3 26.7 0.5 -0.5 6996.4 18.8 18.8 18.8 3435.4 10.2 10.2 10.2 
40.8 27.7 0.5 -0.5 7580.9 20.2 20.1 20.2 3644.2 10.7 10.7 10.7 
43.4 28.2 0.5 -0.5 8693.7 22.7 22.7 22.7 3752.7 11.0 11.0 11.0 
44.5 29.2 0. 5 -0.5 9205.1 23.8 23.8 23.8 3978.0 11.6 11.5 11.6 
46.4 30.2 0. 5 -0.5 10149.4 25.9 25.9 25.9 4215.0 12.2 12.1 12.1 
36.6 11.7 0. 5 -0.5 6041.7 16.6 16.6 16.6 1336.3 4.5 4.5 4.5 
36.1 13 0.5 -0.5 5877.8 16.2 16.2 16.2 1457.0 4.8 4.8 4.8 
45.4 12.8 0.5 -0.5 9642.5 24.8 24.8 24.8 1437.8 4.8 4.8 4.8 
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50.0 13.4 0. 5 -0.5 12167.7 30.3 30.2 30.3 1496.0 4.9 4.9 4.9 
54.5 14.1 0. 5 -0.5 15165.1 36.6 36.5 36.5 1566.5 5.1 5.1 5.1 
37.5 16.2 0. 5 -0.5 6346.6 17.3 17.3 17.3 1795.6 5.8 5.8 5.8 
41.9 16.6 0.5 -0.5 8035.7 21.2 21.2 21.2 1842.4 5.9 5.9 5.9 
46.0 17.2 0.5 -0.5 9944.0 25.5 25.4 25.5 1914.6 6.1 6.1 6.1 
50.5 17.6 0.5 -0.5 12473.5 30.9 30.9 30.9 1964.1 6.3 6.2 6.3 
54.6 18.6 0.5 -0.5 15238.3 36.7 36.6 36.7 2092.8 6.6 6.6 6.6 
37.2 20.9 0. 5 -0.5 6243.5 17.1 17.0 17.1 2416.9 7.5 7.5 7.5 
40.0 26.6 0. 5 -0.5 7264.1 19.5 19.4 19.4 3415.1 10.1 10.1 10.1 
46.5 28.2 0. 5 -0.5 10201.3 26.0 26.0 26.0 3752.7 11.0 11.0 11.0 
48.4 36.1 0.5 -0.5 11231.9 28.3 28.2 28.3 5877.8 16.2 16.2 16.2 
55.2 38.6 0.5 -0.5 15683.7 37.6 37.5 37.6 6737.2 18.2 18.2 18.2 
37.9 30.8 0.5 -0.5 6486.3 17.6 17.6 17.6 4363.0 12.5 12.5 12.5 
42.2 33.8 0.5 -0.5 8163.8 21.5 21.5 21.5 5172.4 14.5 14.5 14.5 
46.9 36.9 0. 5 -0.5 10411.3 26.5 26.4 26.5 6141.9 16.8 16.8 16.8 
50.9 39.4 0. 5 -0.5 12722.8 31.5 31.4 31.4 7034.1 18.9 18.9 18.9 

































Del lnPw  
 
Pw(a/support) 





2.15E-05 3.77E-09 3.8E-09 42.3736 0.42373612 0.00736676 0.29967 -0.158313854 0.000454405 5.3E-05 0.000323 
2.15E-05 3.78E-09 3.8E-09 41.7637 0.41763711 0.00715622 0.29536 -0.145280882 0.000434537 6.74E-05 0.000311 
2.15E-05 3.81E-09 3.8E-09 40.9635 0.40963532 0.00688463 0.2897 -0.136241019 0.000434537 9.235E-05 0.000314 
2.15E-05 3.83E-09 3.8E-09 40.2731 0.40273135 0.00665452 0.28481 -0.123678861 0.000430247 0.0001212 0.000316 
2.15E-05 3.7E-09 3.7E-09 41.6495 0.41649524 0.00711714 0.29455 -0.038544188 0.000172284 7.05E-05 0.000132 
2.15E-05 3.72E-09 3.7E-09 41.7924 0.41792355 0.00716604 0.29556 -0.060404424 0.00022387 6.664E-05 0.000165 
2.15E-05 3.72E-09 3.7E-09 42.5512 0.42551155 0.00742862 0.30093 -0.093547825 0.00029124 4.942E-05 0.000209 
2.15E-05 3.75E-09 3.7E-09 42.3884 0.4238835 0.00737189 0.29978 -0.126199179 0.000374593 5.27E-05 0.000267 
2.15E-05 3.77E-09 3.8E-09 42.3736 0.42373612 0.00736676 0.29967 -0.158313854 0.000454405 5.3E-05 0.000323 
2.15E-05 3.72E-09 3.7E-09 41.1156 0.41115556 0.00693582 0.29077 -0.034915609 0.000178218 8.698E-05 0.00014 
2.15E-05 3.74E-09 3.7E-09 41.2129 0.41212887 0.0069687 0.29146 -0.056989985 0.000230674 8.371E-05 0.000174 
2.15E-05 3.74E-09 3.7E-09 41.8498 0.41849762 0.00718574 0.29597 -0.085202541 0.000284131 6.515E-05 0.000206 
2.15E-05 3.77E-09 3.8E-09 41.6923 0.41692271 0.00713176 0.29485 -0.120374266 0.000374593 6.932E-05 0.000269 
2.15E-05 3.78E-09 3.8E-09 41.7637 0.41763711 0.00715622 0.29536 -0.145280882 0.000434537 6.74E-05 0.000311 
2.15E-05 3.74E-09 3.7E-09 40.799 0.40798965 0.00682942 0.28853 -0.035379576 0.000190174 9.853E-05 0.000151 
2.15E-05 3.76E-09 3.8E-09 40.7308 0.40730785 0.00680662 0.28805 -0.051929202 0.000234149 0.0001012 0.00018 
2.15E-05 3.76E-09 3.8E-09 41.1017 0.41101689 0.00693115 0.29067 -0.078882283 0.000288376 8.746E-05 0.000213 
2.15E-05 3.79E-09 3.8E-09 40.9085 0.40908529 0.00686615 0.28931 -0.104677266 0.000358317 9.437E-05 0.000262 
2.15E-05 3.81E-09 3.8E-09 40.9635 0.40963532 0.00688463 0.2897 -0.136241019 0.000434537 9.235E-05 0.000314 
2.15E-05 3.74E-09 3.7E-09 40.69 0.40689986 0.00679299 0.28776 -0.034918424 0.000193073 0.0001029 0.000155 
2.15E-05 3.76E-09 3.8E-09 40.6086 0.40608633 0.00676585 0.28719 -0.050062872 0.000234149 0.0001062 0.000182 
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2.15E-05 3.79E-09 3.8E-09 40.4335 0.4043348 0.00670761 0.28595 -0.071400766 0.000294132 0.0001138 0.000223 
2.15E-05 3.81E-09 3.8E-09 40.4738 0.40473765 0.00672098 0.28623 -0.10098239 0.00036546 0.000112 0.00027 
2.15E-05 3.83E-09 3.8E-09 40.2731 0.40273135 0.00665452 0.28481 -0.123678861 0.000430247 0.0001212 0.000316 
2.15E-05 3.65E-09 3.7E-09 42.6256 0.42625571 0.00745463 0.30145 -0.034216604 0.000141041 4.799E-05 0.000105 
2.15E-05 3.68E-09 3.7E-09 42.3589 0.42358883 0.00736164 0.29957 -0.050319118 0.000186841 5.331E-05 0.000137 
2.15E-05 3.71E-09 3.7E-09 42.2268 0.42226787 0.0073158 0.29863 -0.065889429 0.000228385 5.616E-05 0.000166 
2.15E-05 3.72E-09 3.7E-09 42.081 0.42080976 0.00726536 0.2976 -0.074337926 0.000252283 5.948E-05 0.000183 
2.15E-05 3.77E-09 3.8E-09 41.7065 0.41706539 0.00713664 0.29495 -0.128191018 0.000393564 6.893E-05 0.000283 
2.15E-05 3.68E-09 3.7E-09 41.9362 0.41936169 0.00721545 0.29658 -0.034971998 0.000156352 6.298E-05 0.000119 
2.15E-05 3.71E-09 3.7E-09 41.7637 0.41763711 0.00715622 0.29536 -0.050809971 0.000200504 6.74E-05 0.00015 
2.15E-05 3.72E-09 3.7E-09 41.6495 0.41649524 0.00711714 0.29455 -0.05814244 0.000221645 7.05E-05 0.000164 
2.15E-05 3.74E-09 3.7E-09 41.5927 0.41592665 0.00709772 0.29415 -0.078824782 0.000274461 7.209E-05 0.000201 
2.15E-05 3.78E-09 3.8E-09 41.3107 0.4131068 0.00700181 0.29215 -0.108314559 0.000354798 8.055E-05 0.000257 
2.15E-05 3.7E-09 3.7E-09 41.6638 0.41663763 0.00712201 0.29465 -0.041139953 0.000178519 7.01E-05 0.000136 
2.15E-05 3.73E-09 3.7E-09 41.2408 0.41240781 0.00697814 0.29166 -0.052823251 0.00021944 8.28E-05 0.000166 
2.15E-05 3.76E-09 3.8E-09 40.9085 0.40908529 0.00686615 0.28931 -0.058292246 0.00024366 9.437E-05 0.000185 
2.15E-05 3.77E-09 3.8E-09 40.6628 0.40662832 0.00678392 0.28757 -0.063899504 0.000266427 0.000104 0.000202 
2.15E-05 3.81E-09 3.8E-09 40.2598 0.40259831 0.00665012 0.28472 -0.097242482 0.00036546 0.0001219 0.000272 
2.15E-05 3.75E-09 3.7E-09 40.6628 0.40662832 0.00678392 0.28757 -0.037056074 0.000199498 0.000104 0.000159 
2.15E-05 3.76E-09 3.8E-09 40.5276 0.40527605 0.00673888 0.28661 -0.041135992 0.000215093 0.0001097 0.000171 
2.15E-05 3.77E-09 3.8E-09 40.4603 0.40460328 0.00671652 0.28614 -0.051966762 0.000244874 0.0001126 0.000191 
2.15E-05 3.78E-09 3.8E-09 40.3264 0.40326442 0.00667214 0.28519 -0.055190666 0.00025862 0.0001187 0.000201 
2.15E-05 3.79E-09 3.8E-09 40.1934 0.40193439 0.00662821 0.28425 -0.063056539 0.000284131 0.0001251 0.00022 
2.15E-05 3.66E-09 3.7E-09 42.8052 0.42805236 0.0075176 0.30273 -0.048202701 0.000174045 4.47E-05 0.000127 
2.15E-05 3.67E-09 3.7E-09 42.6107 0.42610667 0.00744942 0.30135 -0.045276343 0.000169674 4.827E-05 0.000125 
2.15E-05 3.71E-09 3.7E-09 42.6405 0.42640485 0.00745985 0.30156 -0.085710593 0.000270415 4.77E-05 0.000194 
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2.15E-05 3.73E-09 3.7E-09 42.5512 0.42551155 0.00742862 0.30093 -0.113056625 0.00033939 4.942E-05 0.000243 
2.15E-05 3.76E-09 3.8E-09 42.4474 0.42447408 0.00739244 0.30019 -0.146547917 0.000423895 5.148E-05 0.000302 
2.15E-05 3.69E-09 3.7E-09 42.1392 0.4213918 0.00728547 0.29801 -0.046803565 0.000182175 5.813E-05 0.000135 
2.15E-05 3.71E-09 3.7E-09 42.081 0.42080976 0.00726536 0.2976 -0.064277709 0.000227248 5.948E-05 0.000166 
2.15E-05 3.73E-09 3.7E-09 41.994 0.41993972 0.00723535 0.29699 -0.084218933 0.000278565 6.156E-05 0.000202 
2.15E-05 3.75E-09 3.8E-09 41.9362 0.41936169 0.00721545 0.29658 -0.111791831 0.000347865 6.298E-05 0.00025 
2.15E-05 3.78E-09 3.8E-09 41.7924 0.41792355 0.00716604 0.29556 -0.142107663 0.000426002 6.664E-05 0.000305 
2.15E-05 3.71E-09 3.7E-09 41.4653 0.41465297 0.00705432 0.29325 -0.039456197 0.000179427 7.58E-05 0.000138 
2.15E-05 3.75E-09 3.7E-09 40.6764 0.40676404 0.00678845 0.28767 -0.04010582 0.000206639 0.0001034 0.000163 
2.15E-05 3.78E-09 3.8E-09 40.4603 0.40460328 0.00671652 0.28614 -0.068376267 0.000285539 0.0001126 0.000217 
2.15E-05 3.83E-09 3.8E-09 39.4262 0.3942624 0.00637759 0.27882 -0.057729789 0.00031363 0.0001697 0.000252 
2.15E-05 3.87E-09 3.9E-09 39.1099 0.39109919 0.00627566 0.27658 -0.099361353 0.000438872 0.0001926 0.000339 
2.15E-05 3.76E-09 3.8E-09 40.1141 0.40114058 0.00660205 0.28369 -0.022141153 0.000185899 0.0001291 0.00016 
2.15E-05 3.79E-09 3.8E-09 39.7218 0.39721808 0.00647357 0.28091 -0.031604933 0.000230674 0.0001508 0.000195 
2.15E-05 3.83E-09 3.8E-09 39.3245 0.39324462 0.0063447 0.2781 -0.045891663 0.00029124 0.0001767 0.000241 
2.15E-05 3.86E-09 3.9E-09 39.0098 0.39009766 0.00624356 0.27588 -0.062228 0.000354798 0.0002005 0.000288 


















Table E3. Uncertainties in Distillate flux due to all variables 











Del Mass flux Molar flux 
0.071194 1.0105E-05 0.00050349 0.000145474 0.000302637 4.61334211 0.019610875 
0.064997 9.1759E-06 0.000459663 0.00013911 0.000277324 4.211784701 0.017970607 
0.06075 8.4982E-06 0.000429628 0.000140069 0.000260942 3.936601411 0.016909034 
0.054965 7.6291E-06 0.000388711 0.00014047 0.000238667 3.561702512 0.015465639 
0.016342 2.3753E-06 0.000115573 5.58078E-05 7.41106E-05 1.058963925 0.00480237 
0.026013 3.7547E-06 0.000183965 7.11275E-05 0.000113895 1.685628408 0.007380415 
0.041029 5.9212E-06 0.000290164 9.1613E-05 0.000175711 2.658683602 0.011386061 
0.056128 8.0183E-06 0.000396947 0.000118967 0.000239294 3.637115349 0.015506234 
0.071194 1.0105E-05 0.00050349 0.000145474 0.000302637 4.61334211 0.019610875 
0.014804 2.1359E-06 0.000104696 5.9456E-05 6.95239E-05 0.959304079 0.004505151 
0.024531 3.5137E-06 0.000173488 7.46921E-05 0.000109071 1.589635928 0.007067794 
0.03721 5.3323E-06 0.000263155 9.00207E-05 0.000160606 2.41122816 0.010407273 
0.053383 7.5668E-06 0.000377528 0.000119461 0.00022866 3.459203042 0.014817147 
0.064997 9.1759E-06 0.000459663 0.00013911 0.000277324 4.211784701 0.017970607 
0.01504 2.1571E-06 0.000106361 6.438E-05 7.17914E-05 0.974562359 0.004652081 
0.022333 3.1789E-06 0.000157937 7.75712E-05 0.000101606 1.447149552 0.006584088 
0.034379 4.8818E-06 0.000243132 9.28682E-05 0.00015029 2.227770601 0.009738812 
0.046158 6.4932E-06 0.000326429 0.000115533 0.000199955 2.991009357 0.012957082 
0.06075 8.4982E-06 0.000429628 0.000140069 0.000260942 3.936601411 0.016909034 
0.014851 2.1262E-06 0.000105024 6.57874E-05 7.15602E-05 0.962319338 0.004637104 
0.02152 3.0589E-06 0.000152193 7.81513E-05 9.87923E-05 1.394521029 0.006401742 
222 
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0.031075 4.375E-06 0.000219763 9.70565E-05 0.000138726 2.013651618 0.00898945 
0.044502 6.2243E-06 0.000314722 0.000119112 0.000194316 2.883745406 0.012591683 
0.054965 7.6291E-06 0.000388711 0.00014047 0.000238667 3.561702512 0.015465639 
0.014393 2.1295E-06 0.000101787 4.43119E-05 6.41061E-05 0.93264806 0.004154073 
0.02149 3.1408E-06 0.00015198 5.86756E-05 9.40758E-05 1.392554155 0.006096109 
0.028455 4.1249E-06 0.000201237 7.18197E-05 0.000123385 1.843882769 0.007995345 
0.032271 4.6551E-06 0.000228228 7.95662E-05 0.000139571 2.0911916 0.009044216 
0.057014 8.0697E-06 0.000403208 0.000125657 0.00024388 3.694501684 0.015803392 
0.014761 2.1594E-06 0.000104389 5.03062E-05 6.69141E-05 0.956492842 0.004336036 
0.02174 3.1484E-06 0.000153747 6.39976E-05 9.6166E-05 1.408745871 0.006231559 
0.025011 3.6053E-06 0.000176879 7.07461E-05 0.000110006 1.620697163 0.007128398 
0.034321 4.9095E-06 0.000242724 8.73687E-05 0.000148966 2.224027903 0.009652992 
0.047811 6.7595E-06 0.000338124 0.000113559 0.000205969 3.098156819 0.013346761 
0.017479 2.538E-06 0.000123613 5.7619E-05 7.87541E-05 1.132639289 0.005103266 
0.022675 3.2542E-06 0.00016036 7.11916E-05 0.000101315 1.469344788 0.006565208 
0.025143 3.5819E-06 0.00017781 7.96924E-05 0.000112517 1.629240467 0.007291092 
0.027677 3.92E-06 0.000195735 8.75915E-05 0.000123827 1.793483188 0.008024017 
0.042819 5.9736E-06 0.000302814 0.00011995 0.000188078 2.774641861 0.012187459 
0.015788 2.2572E-06 0.000111651 6.77713E-05 7.54186E-05 1.023034747 0.004887124 
0.017593 2.505E-06 0.000124416 7.30102E-05 8.32986E-05 1.139999286 0.005397752 
0.022384 3.1713E-06 0.0001583 8.20899E-05 0.000102969 1.450478087 0.006672378 
0.023835 3.3654E-06 0.000168562 8.68992E-05 0.000109508 1.544512848 0.007096129 
0.027365 3.8459E-06 0.000193526 9.52693E-05 0.000124557 1.773248573 0.008071284 
0.020536 3.0236E-06 0.000145236 5.41334E-05 8.95042E-05 1.330750589 0.005799871 
0.019247 2.83E-06 0.000136118 5.30264E-05 8.43564E-05 1.247212493 0.005466296 
0.037443 5.4224E-06 0.0002648 8.48207E-05 0.000160565 2.426281966 0.010404582 
223 
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0.05003 7.1835E-06 0.000353819 0.000107318 0.000213508 3.241940367 0.013835303 
0.065662 9.3482E-06 0.000464368 0.000135287 0.000279301 4.254868693 0.018098707 
0.019943 2.9098E-06 0.00014104 5.76163E-05 8.79781E-05 1.292313736 0.005700981 
0.027735 4.0146E-06 0.000196148 7.16718E-05 0.000120591 1.797248354 0.007814319 
0.03676 5.2798E-06 0.000259968 8.80491E-05 0.000158497 2.382017097 0.010270593 
0.049415 7.0409E-06 0.00034947 0.000110497 0.000211651 3.202105322 0.013714979 
0.063513 8.9751E-06 0.00044917 0.000136267 0.000271049 4.115635145 0.017563985 
0.016757 2.4271E-06 0.000118504 5.84924E-05 7.63116E-05 1.085822498 0.004944989 
0.017122 2.4456E-06 0.000121087 6.9754E-05 8.06923E-05 1.109501926 0.00522886 
0.029711 4.1884E-06 0.000210119 9.43089E-05 0.000132994 1.925290232 0.008617981 
0.025123 3.4866E-06 0.000177672 0.00010973 0.000120582 1.627993261 0.00781373 
0.044007 6.0185E-06 0.000311219 0.000150097 0.000199518 2.851676075 0.012928781 
0.009378 1.3349E-06 6.632E-05 6.77853E-05 5.4757E-05 0.607681216 0.003548252 
0.013532 1.9036E-06 9.5698E-05 8.34418E-05 7.33127E-05 0.876870421 0.004750665 
0.019881 2.7622E-06 0.0001406 0.000104356 0.000101104 1.288307701 0.006551559 
0.027228 3.7442E-06 0.000192554 0.000126088 0.000132902 1.764354779 0.008612067 
0.041967 5.7207E-06 0.000296791 0.00015434 0.000193165 2.719479593 0.012517121 
 
224 
